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Abstract  
Petroleum refining has entered a significant transition period as the industry moves into the 21st 
century and the demands for petroleum and petroleum products continue to show a sharp growth in 
recent years. Refinery operations have evolved to include a range of next-generation processes as the 
demand for transportation fuels and fuel oil has shown steady growth. The research described in this 
thesis has been focused on an investigation of hydrothermal processing of hydrocarbons, mainly 
heavy oils. Experiments were carried out at temperatures from 300 to 380 °C and at a pressure of 220 
± 10 bar in both batch and flow systems separately by using 1/4-inch stainless steel tubing. The 
experiments were performed by using different reaction systems: toluene/H2O, toluene/H2O2, 
toluene/H2O/air, and toluene/H2O2/air. A comparative study of these reaction systems spiked with 
sulphur and metals (nickel, vanadium) were also conducted at the same conditions. Toluene 
conversion was investigated in a batch reactor at supercritical conditions in the presence of water. 
The conversion of toluene increases with temperature and steam/carbon (S/C) molar ratio (i.e. H2O 
to toluene ratio), conditions that provide favourable operating conditions for toluene conversion order 
to get high content products (gases and liquids). The toluene conversion yields multiple desirable 
lighter (liquid) hydrocarbons. The major liquid products include benzaldehyde, ethylbenzene, cresols 
(opm-cresols), styrene, benzyl alcohol and benzoic acid. Progressively larger quantities of these 
products are possible at higher temperatures and at higher H2O/toluene ratios. The efficiency of 
toluene conversion into products reaches almost 91% at 380 °C at a H2O/toluene ratio of 3 to 1. The 
yields improve monotonically as longer reaction times are allowed. Furthermore, when adding H2O2, 
the yield of the major liquid products benzaldehyde, ethylbenzene, cresols (opm-cresols), styrene, 
benzyl alcohol, benzoic acid increases with temperature and at higher H2O2/toluene ratios. The 
efficiency of toluene conversion into products reaches almost 40% at 380 °C at H2O2/toluene ratio 
equals to 3:1 with 5% H2O2 in 5 min of residence time. The yields improve at longer residence times. 
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In the gas phase, H2 increases with an increasing H2O2 concentration while again, the yield of CH4 is 
small. The CO content increases up to 40% when between 6% and 8% H2O2 is used at temperatures 
around 380 °C whereas the CO2 content decreases. The conversion efficiency of toluene converted 
into liquid and gas products increases with temperature. This increase is accentuated with an increase 
in the H2O2/toluene ratio. Toluene conversion is slightly higher in the water/toluene mixture (90%) 
than the H2O2/toluene mixture (just below 90%). This is important, since along with the increased 
cost associated with the need for H2O2 and hence the increased overall cost of operation, it suggests 
that the water/toluene system is the more desirable one to consider further. 
Experimental results also revealed that a maximum of about 90% of the Ni-TPP was converted to 
intermediate and final Ni-based products at a temperature of 380 °C and after a reaction time of 90 min. 
Under the same conditions, around 67% of the Ni was removed by the action of supercritical water, 
proving that supercritical water is capable of removing Ni from Ni-TPP. The same batch reactor system 
was also used to study vanadium removal. V-TTP (a vanadium-containing compound which was 
added to the toluene) also reacted with SCW suggestions a pathway for vanadium removal. The 
effects of reaction time and temperature were investigated, showing that approximately 91% of V-
TPP was converted to intermediate and final products at a temperature of 380 °C and reaction time 
of 100 min. Under the same conditions, approximately 82% of the vanadium was removed. This 
process was deemed successful since it did not use a catalyst. Finally, the removal of 
unwanted/undesirable sulphur from the oil was also considered. A gradual increase in the % DBT 
conversion was found at higher temperatures. The maximum DBT conversion was achieved at the 
highest investigated temperature, i.e. 380 °C. A maximum DBT conversion of ~ 97% was recorded 
after 30 min of reaction time. Importantly, and contrary to the findings concerning the conversion of 
toluene, the introduction of H2O2 lead to a considerable improvement in the metal removal potential.  
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CHAPTER 1 
INTRODUCTION 
 
1.1 HEAVY OIL DEMAND 
Conventional crude oil deposits are dwindling; crude oil is a non-renewable resource and cannot 
be relied on indefinitely as the feedstock or energy for future sustainable industrial processes. On the 
other hand, new natural heavy oil feedstock is being continually discovered at a significant rate around 
the globe (Figure 1-1) according to Zhu et al. [1]. In consonance with this assertion, the current 
leading Russia oil producers report about a 20% recovery rate as reported by Russia Producers Take 
Action on Decline Rate [2]. 
 
 
Figure 1-1: Worldwide heavy oil resources (Source: Oil and Gas Journal, Dec. 2005; Upstream, Mar. 2006). 
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New sources of natural gas, e.g. from hydraulic fracturing (fracking), natural hydrates and 
biogases, are being also accessed as future fuels. With the increasing global demand for oil and liquid 
transport fuels, as shown in Figure 1-2, producers and refiners need to address the ever decreasing 
quality of crude oil (including its associated higher sulphur and heavy metals content). In this context, 
synthesis gas and hydrogen may become key components in a diversified energy future. 
Heavy oil can be produced with a considerable number of thermal processes according to 
Speight [3] and McKetta [4], including for instance visbreaking, delayed-coking, fluid-coking and 
flexi-coking, and also requires asphaltene and metal separation, i.e. deasphalting, and CO2-rejecting 
processes. In addition to these processes, hydroprocessing has also been proposed by Schuetze and 
Hoffman [5] in the presence of a catalyst, for enhancing heavy oil. The catalysts structure used for 
hydroprocessing of heavy feeds differs from those used for light feeds. 
Currently, all hydrocarbon conversion processes (refining) are carried out above ground starting 
with oil and gas production/extraction and cleaning as well as transportation to dedicated plants. 
Consequently, there is an increased drive to reduce the environment impact of the oil processing 
industry which might be achieved by leaving the more undesirable and low-value components of oil 
underground (heavy metals, sulphur). This could be achieved by using the subsurface-well system as 
a continuous processing network to carry out much of the required separations and conversions 
underground or close to the wellhead, thereby reducing, by design, the overall environmental 
footprint and minimizing the amount of by-product. Refining of heavy oil results in increased of 
carbon residues. These oils contain high concentrations of asphaltenes and heavy metals such as 
nickel and vanadium. In addition, sulphur is usually present in large quantities in the form of 
substituted dibenzothiophenes (DBTs). The removal of these contaminants requires significant 
hydrotreating and hydrocracking capacities involving large quantities of hydrogen.  
Finding economical means of upgrading heavy oils is becoming increasingly important in order 
to ensure a stable future fuel supply. One unconventional option is the upgrading of heavy crude oil 
prior to/during production either in the oil-bearing reservoir or in the producing well-bore. This would 
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involve several distinct technologies: placement of catalysts in an oil-bearing formation near the well; 
mobilization of reactants, including the heavy oil and co-reactants, such as hydrogen, water, or carbon 
monoxide, over the catalyst bed for a successful in situ catalytic upgrading process. This approach 
would enhance the quality of the produced oil by the in situ removal and deposition of heavy metals 
and sulphur either in the reservoir or within the well bore. The processing conditions (temperatures, 
pressures) need to be sufficient to achieve a reasonable degree of desulphurization (i.e., sulphur 
removal) and demetallization (i.e., heavy metals removal). 
 
 
Figure 1-2: Worldwide heavy oil production (Source: Oil and Gas Journal, Dec. 2005; Upstream, Mar. 2006). 
 
1.2  HEAVY OIL PROCESSING 
A process using supercritical water to upgrade heavy hydrocarbon feedstock into an upgrade 
hydrocarbon product or syncrude with highly desirable properties such as low sulphur content, low 
metals content, lower density (higher API), lower viscosity, and lower residuum content is described. 
Downhole heavy crude oil upgrading processes have high potential value due to the possibility of 
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improving crude oil quality with the higher benefits obtained by their exploitation. 
Underground processes lead to several advantages in comparison with aboveground counterparts. 
First at all, in the underground processes, all undesirable low value materials are left in the underground, 
which is friendly in the environment perspective. Also, an increase in the volumetric production of 
wells and lower lifting and less transportation costs from the underground to the refining centre could 
be generated. Finally, the use of porous media (mineral formation) as natural chemical “catalytic 
reactor” will improve the upgraded crude oil properties with further reductions in expenses during 
downstream refining operations. 
Several routes for underground heavy crude oil upgrading have been reported. These concepts 
involve the following reactions: Physical separations (steam distillation as reported by Sharpe et al. [6] 
or deasphalting, in line with Butler at al. [7]); underground cracking or hydrocracking (visbreaking as 
stated Henderson et al. [8] and by Kasrale et al. [9], hydrogen by Hyne et al. [10] or hydrogen precursor 
injection in accordance with again Hyne et al. [11]) and in situ combustion as reported by Roychaudgury 
et al. [12] and also by Weissman et al. [13]. 
 
 
Figure 1-3: Schematic of continuous bench-scale plant used for physical simulation of downhole upgrading process 
using hydrogen donor by Vallejos et al. [44]. 
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Sharpe et al. [6] mentions different concepts of downhole upgrading of heavy hydrocarbon with 
simultaneous metals, sulphur and nitrogen removal using supercritical water involving the 
underground addition of hydrogen donor additive (e.g. tetralin), which in the presence of steam, 
natural formation (catalyst) and methane (natural gas), leads to heavy crude oil upgrading (Figure 1-
3) whereas some of processes do not required external addition of hydrogen donor. 
Heavy oil typically contains a high concentration of sulphur, metals and nitrogen. Such 
contaminants have very negative effects on the catalyst and equipment used in many processes for 
further refining to produce high value products. This makes it challenging to bring heavy oil resources 
closer to the market. In order to render such heavy oils flowable, one of the most common methods 
known is to reduce the viscosity and density by mixing the heavy oil with sufficient diluents with 
higher API gravity i.e. much lower density than the heavy oil. The two key operations at the upgrading 
facility are: 
(1) The diluents stream is recovered and recycled back to the production wellhead in a separate 
pipeline. 
(2) The heavy oil is upgraded with technologies suitable for reducing higher-value products for 
market (coking, hydrocracking, hydrotreating, etc.). These higher-value products include low 
sulphur content, low metals content, low total acid number (TAN), low residuum content, high 
API gravity and low viscosity. Most of these desirable characteristics can be achieved by 
reacting the heavy oil with hydrogen at high temperature and pressure in the presence of 
catalyst. The addition/removal of diluents and hydrogen-addition also have disadvantages: 
(a) The infrastructure required for the handling, recovery and recycle of diluents could be 
expensive, especially over long distances. Diluents availability is another potential issue. 
(b) The hydrogen-addition processes such as hydrocracking, hydro-treating are significant 
investment in terms of capital and infrastructure. 
 (c) Hydrogen-addition processes have high operating costs since hydrogen production costs 
are highly sensitive to natural gases prices. Some remote heavy oil reserves may not even 
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have access to sufficient quantities of low-cost natural gas to support a hydrogen plant. 
These hydrogen-addition processes also generally require expensive catalysts and resource 
intensive, catalyst handling techniques including catalyst generation. 
(d) In some cases, the refineries and/or upgrading facilities that are located closest to the 
production site may have neither the capacity nor the facilities to accept the heavy oil. 
(e) Coking is often used at refineries or upgrading facilities. Significant amount of by-product 
solid cokes are rejected during the coking process, leading to lower liquid hydrocarbon 
yield. In addition, the liquid products from a coking plant often need further hydrotreating. 
Further, the volume of the product from the coking process is significantly less that the 
volume of the feed crude oil. 
Hydroprocessing is currently the process of choice to remove the metal and sulphur from heavy 
oil. Hydrotreating process typically takes place in a trickle bed or fixed bed reactor using expensive 
catalyst such as Mo and requires the use of high-pressure hydrogen which is becoming increasingly 
expensive. Hydrogen-addition also has high operating costs since hydrogen production costs are 
highly sensitive to natural gas prices. These hydrogen-addition processes also generally require 
expensive catalyst handling techniques, including catalyst regeneration. Therefore there is a need for 
improving methods/processes for heavy oil treatment to remove sulphur and metal. 
One alternative to hydrotreating of heavy oil to remove sulphur and metals is to use supercritical 
water. However, previous processes use catalysts or processing gas (reducing or oxidizing gas) or 
both to achieve simultaneously sulphur and metals removal. Without externally supplied catalyst or 
hydrogen, the contaminated removal rate was not satisfactory. 
U.S. Patent Nos. 3948754; 4483761; 4557820 and 4559127 relate to the upgrading of heavy 
hydrocarbons using supercritical water to reduce sulphur, nitrogen and metals in the products. The 
processes disclose uses olefin or halide components. In this process, the overall all gas made is 
reduced and the liquid yield is improved by addition of light olefins to the feedstock. In these cracking 
processes, it is believed that the addition of light olefins serves at least three functions. The olefins 
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initiate and promote the cracking of heavy hydrocarbons and oligomerize to form liquid range 
products. This invention is well suited for those heavy oil hydrocarbons prevalent in the synthetic 
fuels industry such as tar, bitumen, shale oil, and other heavy oil, kerosene and coal liquids. The 
heavy hydrocarbons are cracked in the presence of light olefins while in contact with a solvent which 
could be ammonium, water, carbon dioxide, methanol, higher alcohols, benzene, toluene, benzene, 
dichlorodifluoromethane, nitrous oxide, diethyl ether, sulphur dioxide, carbon disulphide, 
tretrahydrofuran, acetone pyridine and methyl chloride as well as mixture of the above. The preferred 
solvent or mixtures of solvents must have an ability to donate hydrogen for saturating double bonds. 
Solvents or mixture thereof not capable of donating hydrogen atom are still viable but are best 
employed where hydrogen is introduced from external source. 
 U.S. Patent Nos. 3948754; 3948755 and 3960706 relate to a process using supercritical water 
for metal and sulphur removal without external supply of hydrogen using an externally supplied 
sulphur and nitrogen resistant catalyst. U.S. Patent No. 5611915 relates to a process to remove sulphur 
and nitrogen components using supercritical water with high pressure CO. U.S. Patent No. 
2003/10168381 and U.S. Patent Application No. 2005/10072137 relate to a process and apparatus for 
treating heavy oil such a way that vanadium contained in heavy oil is isolated during treatment with 
supercritical or subcritical water. An oxidizing agent is used to achieve metals removal. In addition, 
vanadium oxide scavenger is used to remove vanadium oxide formed from oxidation of vanadium by 
oxidizing agent from reformed oils. U.S. Patent Nos. 3989618 and 4005005 relate to a process to 
upgrade heavy hydrocarbons using supercritical water without external supply of H2 or catalyst. U.S. 
Patent No. 4446012 relates to a process of treating heavy oil to remove metals and sulphur using 
subcritical water (T = 380 – 480 °C and P = 50 – 150 bar) in the absence of hydrogen and catalyst. 
This process overcomes the formation of metals and sulphur by using supercritical water to upgrade 
a heavy hydrocarbon feedstock into an upgraded hydrocarbon product or syncrude with highly 
desirable properties (low sulphur content, low metals content, lower density (higher API), lower 
viscosity, lower residuum content, etc.). The process neither requires external supply of hydrogen nor 
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must it use catalysts. Further, the process does not produce an appreciable coke by-product. In 
comparison with the traditional processes for syncrude production, advantages that may be obtained 
by the practice of the use of supercritical water include a high liquid hydrogen carbon yield; no need 
for externally supplied hydrogen; no need to provide catalyst; significant viscosity reduction in the 
upgraded hydrocarbon product and significant reduction in sulphur, metals, nitrogen, total acid 
number (TAN) as well as micro-carbon residue (MCR) in the upgraded hydrocarbon product. Figure 
1-4 shows the industrial method of sulphur and heavy metal removal with addition of hydrogen to 
Gary et al. [14]. 
 
 
Figure 1-4: Schematic depiction of the equipment and the process flow streams in a typical refinery 
hydrodesulphurization (HDS) unit in a petroleum refinery as reported by Gary et al. [14]. 
 
In an industrial hydrodesulphurization unit, such as in a refinery, the hydrodesulphurization 
reaction takes place in a fixed-bed reactor at elevated temperatures ranging from 300 to 400 °C and 
elevated pressures ranging from 30 to 130 bar of absolute pressure, typically in the presence of a 
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catalyst consisting of an alumina base impregnated with cobalt and molybdenum (usually called a 
CoMo catalyst). Occasionally, a combination of nickel and molybdenum (called NiMo) is used, in 
addition to the CoMo catalyst, for specific difficult-to-treat feedstocks such as those containing a high 
level of chemically bound nitrogen. 
The liquid feed (at the bottom left in the diagram) is pumped up to the required elevated pressure 
and is joined by a stream of hydrogen-rich recycle gas. The resulting liquid-gas mixture is preheated 
by flowing through a heat exchanger. The preheated feed then flows through a fired heater where the 
feed mixture is totally evaporated and heated to the required elevated temperature before entering the 
reactor and flowing through a fixed-bed of catalyst where the hydrodesulphurization reaction takes 
place. The hot reaction products are partially cooled by flowing through the heat exchanger where 
the reactor feed was preheated and then flows through a water-cooled heat exchanger before it flows 
through the pressure controller and undergoes a pressure reduction down to about 3 to 5 bar. The 
resulting mixture of liquid and gas enters the gas separator vessel at about 35 °C and 3 to 5 bar of 
absolute pressure. Most of the hydrogen-rich gas from the gas separator vessel is recycle gas, which 
is routed through an amine contactor for removal of the reaction product H2S that it contains. The 
H2S-free hydrogen-rich gas is then recycled back for reuse in the reactor section. Any excess gas from 
the gas separator vessel joins the sour gas from the stripping of the reaction product liquid. The liquid 
from the gas separator vessel is routed through a reboiled stripper distillation tower. The bottoms 
product from the stripper is the final desulphurized liquid product from the hydrodesulphurization 
unit. The overhead sour gas from the stripper contains hydrogen, methane, ethane, hydrogen sulphide, 
propane, and, perhaps, some butane and heavier components. That sour gas is sent to the refinery's 
central gas processing plant for removal of the hydrogen sulphide in the refinery's main amine gas 
treating unit and through a series of distillation towers for recovery of propane, butane and pentane 
or heavier components. The residual hydrogen, methane, ethane, and some propane is used as refinery 
fuel gas. The hydrogen sulphide removed and recovered by the amine gas-treating unit is 
subsequently converted to elemental sulphur in a Claus process unit or to sulphuric acid in a wet 
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sulphuric acid process or in the conventional contact process. The Claus process is the most 
significant gas desulphurization process that recovers sulphur from the gaseous hydrogen sulphide 
found in raw natural gas and from the by-product gases containing hydrogen sulphide derived from 
refining crude oil and other industrial processes. The by-product gases mainly originate from physical 
and chemical gas treatment units (Selexol, Rectisol, Purisol and amine scrubbers) in refineries, natural 
gas processing plants and gasification or synthesis gas plants. These by-product gases may also 
contain hydrogen cyanide, hydrocarbons, sulphur dioxide or ammonia. For example, the hydrogen 
sulphide produced, for example, in the hydrodesulphurization of refinery naphtha and other petroleum 
oils, is converted to sulphur in Claus plants [10]. The overall reaction is: 
2 H2S + O2 → S2 + 2 H2O 
The above description assumes that the HDS unit feed contains no olefins. If the feed does 
contain olefins (e.g. the feed is naphtha derived from a refinery fluid catalytic cracker (FCC) unit), 
then the overhead gas from the HDS stripper may also contain some ethene, propene, butene and 
pentene, or heavier components. It should also be noted that the amine solution to and from the recycle 
gas contactor comes from and is returned to the refinery's main amine gas treating unit. 
Various methods of treating heavy oil hydrocarbons using supercritical water are disclosed in 
patent literature. US Patent No. 4840725 disclosed a process for conversion of high boiling liquid 
organic materials to lower boiling materials using supercritical water in tabular continuous reactor. 
The water and hydrocarbon are separately preheated and mixed in high-pressure feed pump just 
before being fed into the reactor. US Patent No. 6887369 describes a supercritical water pre-treatment 
process using hydrogen or carbon monoxide preferably carried out in a deep well reactor to hydrotreat 
and to hydrocrack carbonaceous material. The deep well reactor is adapted from underground oil 
wells and consists of multiple concentric tubes. The deep well is operated by introducing feed streams 
in the core tubes and returning reactor effluent in the annular section. 
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Although the above-mentioned patents have made claims to a variety of methods and processes 
for heavy oil upgrading using supercritical conditions (i.e. operating ranges of temperature and 
pressure) and water to oil ratios, etc., none of them has disclosed the design of the reactor for these 
processes involving supercritical water, and most of them are for the application of waste treatment. 
This lack in addressing the design of reactor for both heavy oil and supercritical water is important, 
as it is fundamentally different from the processes of waste treatment using supercritical water for the 
specific reasons discussed below: 
(1) Solid handling. Waste streams typically contain both organic and inorganic materials. Although 
organic materials can be destroyed quickly, supercritical water oxidation, inorganic materials 
are insoluble in supercritical water. Several U.S. Patents address this concern. For example, 
U.S. Patent Nos. 5560823 and 567698 disclose a reversible flow reactor having two reaction 
zones which are alternatively used in supercritical water oxidation. The velocity of the reaction 
mixture is sufficient to prevent settling of solids. Inorganic salts in the effluent mixture, which 
are insoluble at conditions of supercritical temperature and pressure for water, are dissolved in 
a liquid water phase during cooling down of the effluent mixture at an outlet end of the reactor. 
(2) Oxidizer management. U.S. Patent Nos. 5384051 and 5568783 disclose a reactor design for 
supercritical waste water oxidation. It contains a reaction zone inside the containment vessel and 
a permeable liner around the reaction zone. An oxidizer is mixed with carrier fluid such as water. 
The mixture is heated and pressurized to supercritical conditions and then introduced to the 
reaction zone gradually and uniformly by forcing it radially inward through the permeable liner 
and toward the reaction zone. The permeable liner permits the continuous gradual uniform 
dispersion of a reactant and therefore promotes an even and efficient reaction. The liner also 
isolates the pressures vessel from high temperature oxidizing conditions found in the reaction 
zone allowing a reduction in cost of the pressure vessel. The reaction takes place inside the reactor 
vessel at high temperature, pressure and in corrosive environments. 
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(3) Containment of toxic materials. Some waste stream contains contaminants that are extremely 
harmful to human and environment therefore the possibility of releasing such harmful materials 
has to be addressed in the reactor design. U.S. Patent No. 6168771 discloses a reactor design 
including an autoclave inside a pressure vessel. The pressure between autoclave and pressure 
vessel is essentially equal to that inside the autoclave, therefore eliminating possible leaking of 
toxic material inside the autoclave. 
Although heavy oil upgrading using supercritical water may be considered similar in some 
respects to waste treatment using supercritical water and can be implemented using various elements 
of reactors designed for waste treatment, there are significant differences in requirement for reactor 
design for heavy hydrocarbon upgrading from that for waste treatment. The following are among the 
many issues in designing a reactor in which to conduct and effective process for heavy oil upgrading 
using supercritical water: 
(1) Importance of selectivity. For waste treatment, the only performance target is conversion. In 
other words, the reaction is non-selective total oxidation and there is no need to worry about 
selectivity, which makes the reactor design much easier. For heavy oil upgrading, the feed is a 
mixture containing broad range of materials and the reactions involved are much more complex. 
Not only is the conversion in need of being considered, but also it is important to pursue high 
selectivity since non-selective reactions will lead to low-value by-products such as solid coke 
or gases. Obviously, reactor design for selective reactions in a complex system is very different 
and more challenging than that for non-selective total oxidation. 
(2) High concentration of feed. Typically, the organic component concentration in the waste stream 
is low and in many situations, the concentration is only in ppm. For oil upgrading, it is 
preferable to run the reaction using lowest possible water to oil ratio to reduce capital and 
operating cost. The oil concentration is typically several orders of magnitude higher in 
upgrading as opposed to waste treatment. 
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
 
Department of Chemical Engineering, Imperial College London 34 
(3) High density and viscosity. One distinguishing feature of heavy oil is high density and viscosity. 
In fact this is one of primary reasons that oil has to be upgraded. The density of heavy oil is 
very close to liquid water density and viscosity can be as high as 10,000 cp. High density and 
viscosity together with high concentration make the dispersion of heavy oil into supercritical 
water an important consideration. 
After steam has progressed sufficiently, a single-phase reaction product is withdrawn from the 
reaction zone, cooled and separated into gas, effluent water and upgraded hydrocarbons phases. This 
separation is preferably done by cooling the stream and using one or more two phase separators, 
three-phase separators or other gas oil water separation devices known. The composition of the 
gaseous obtained by treatment of heavy oil will depend on the heavy oil properties and typically 
comprises light hydrocarbons, water vapour, acid gas (CO2 and H2S), methane and hydrogen. The 
effluent water may be used, reused or discarded. It may be recycled to the feed water tank, to the feed 
water treatment system or to the reaction zone. The upgraded hydrocarbon product sometimes 
referred to as syncrude may be upgraded further or processed into other hydrocarbon products that 
are known in the hydrocarbon processing literature. The entire system operated with a feed stream of 
oil and a separate feed stream of supercritical water reaches a steady state whereby all the flowrates, 
temperatures, pressures and composition of inlet, outlet and the recycle streams do not vary 
appreciably with time. 
It is believed that a number of upgrading reactions are occurring simultaneously at the 
supercritical water conditions, which are thought to be: 
 Thermal cracking:  CXHY → Lighter hydrocarbons 
 Steam reforming:  CXΗY + 2X Η2Ο → X CO2 + ((2X+Y)/2) Η2 
 Water-gas shift:  CO + Η2 Ο → CO2 + Η2 
 Demetallization:  CXΗYNiw + Η2Ο/Η2 → NiO/(Ni(OH)2) + Light hydrocarbons 
 Desulphurization:  CXΗYSZ + Η2Ο/Η2 → H2S + Light hydrocarbons  
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The exact pathway will depend on the reactor operating conditions (temperature, pressure, O/W 
volume ratio), reactor design (mode of contact/mixing, sequence of heating) and the hydrocarbon 
feedstocks. 
As employed in this thesis, the term “demetallization” refers to the separation of metals contained 
in the heavy oil feed by a pass of heavy oil feed through the reaction zone with or without catalyst 
whereas the term “desulphurization” refers to the separation of sulphur contained in the heavy oil to the 
reaction zone. Non-catalytic hydrodesulphurization (NHDS) and hydrodemetallization (NHDM), i.e. 
hydrothermal desulphurization and demetallization of heavy crude oil will be studied one bench-scale 
unit equipped with one fixed-bed reactor in series with one reactor used as heater operated in adiabatic 
and isothermal modes. 
Different feedstocks will be used for thermal hydrodesulphurization tests: heavy crude oil 
hexadecane and heavy crude oil toluene. The effects of pressure, residence time, temperature and type 
of feed on NHDS and axial reactor temperature profiles will be examined. The effect of reaction 
variables will be investigated in terms of quenching of the reaction by hydrogen addition or without 
hydrogen addition and changes in reaction selectivity. The selectivity toward the reaction of NHDS will 
be compared with NHDM if there are any important changes when the temperature increases. 
Temperature effect on the extent of thermal desulphurization and demetallization reactions will also be 
investigated. The different reactor temperature profiles will be investigated with the type of reaction 
occurring in the different sections of the reacting system. 
Thermal hydrodesulphurization and hydrocracking are unavoidable phenomena that occur 
simultaneously during catalytic hydroprocessing of heavy oils. Depending upon the reaction 
conditions, type of feed and experimental set-up, the extent of thermal reactions can be such that the 
behaviour of catalysts is masked or not interpreted properly. The composition and properties of the 
feed play an important role in NHDS since paraffinic material tends to be easier to crack thermally 
or catalytically, while aromatic feeds are more difficult to convert because the heaviest part tend to 
agglomerate, thus forming coke according to Ancheyta et al. [15]. 
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Heavy oils and residua contain hydrocarbons that are characterized by large amounts of 
heteroatoms and asphaltenes. The nature and chemical structure of these complex components are 
also other factors that strongly affect the extent of thermal reactions. For instance, asphaltenes with 
small content of aromatic rings and high number of alkyl side chains are more feasible to convert 
according to Ancheyta et al. [16]. The apparent activation energy of the thermal reaction is higher 
than that of the catalytic reaction and it can be the rate limiting step according to Yang et al. [17]. 
During thermal hydrotreating, heavy molecules crack into smaller ones and therefore favouring 
the catalytic action for sulphur and other heteroatoms removal in line with Kin et al. [18]. Thermal 
reactions occur in the space between catalysts particles, in the liquid phase, and also in the gas phase 
and they are non-sensitive to hindrance restrictions according to Rahimi [19]. Various researchers 
have studied thermal reactions during hydroprocessing of heavy oil fractions. Marafi et al. [20] 
conducted a series of experiments at different space velocity and temperature. They concluded that 
thermal reactions must be taken into account for an accurate hydroprocessing data analysis. Juraidan 
et al. [21] showed that non-catalytic hydrodesulphurization may change from 0.35% up to 21% in the 
range of 330 – 410 °C of reactor temperature. This means that this thermal reaction is indeed 
important and its effects must be taken into consideration when studying the catalytic hydrotreating 
of heavy oils. Available literature is limited to evaluating only the effect of reactor temperature on 
heteroatoms removal, and not much emphasis has been put on the effects of feedstock properties, 
pressure and residence time. 
Thermal hydrocarbon processing of crude oil relates to breaking or thermal cracking method 
according to Speight [22]. A process employing heat transfer after a soak period for upgrading oil has 
also been suggested by Leaute [23], as well as injection of pure hydrogen or hydrogen precursors with 
heat. Magnie [24] declared that in order to cause expansion of oil within the reservoir, H2 can flow into 
the reservoir pores. As the reservoir pressure drops below the bubble point, oil expands, leading to the 
production of oil and gas. In the high temperature oxidation mode (HTO), Greaves et al. [25] state that 
the chemical reactions taking place through in situ combustion are: 
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Thermal cracking (pyrolysis): 
(a) Heavy residue → Light oil → Coke      (1) 
(b) Oxidation of coke: 
Coke → Oxygen → CO → CO2 → H2O      (2) 
(c) Oxidation of heavy residue: 
Heavy residue → Oxygen → CO → CO2 → H2O     (3) 
Due to the propagation of heat, the viscosity of the crude oil decreases in the process. Chemically, 
in order to assist the hydrogenation reaction such as aquathermolysis (200 – 300 °C) (Hyne [26]), 
thermolysis or pyrolysis (Hayashitani et al. [27]) partial oxidation (PO), water-gas shift (WGS), (< 
810 °C) steam/CO2 reforming, Hewgill et al. [28] stated that oil might be upgraded by hydrogen using 
metals in the oil or rock surfaces as catalysts. A way to perform this is to inject liquid-phase hydrogen 
precursors into the steam, therefore, oil can be upgraded or processed by means of asphaltene removal 
and hydrogenation. 
In addition to an increase in oil production, Gondouin [29] argued that H2 and CO2 can react with 
oil in the presence of minerals and oil composed of metals. This has also been supported by Ware et al. 
[30], who stated that hydrogen and fluid injected into a production well will drive the hydrogen bearing 
oil over the heated zone effecting hydrogenation prior to production. A process investigated by Gregoli 
[31] shows that for direct injection of heated solvent and hydrogen into a heavy crude oil (coal, bitumen, 
oil shale deposit) after shutting in for a certain period of time, upgraded products start producing from 
the same well; nevertheless, the results presented are pretty much consistent with thermal upgrading 
and not hydrogenation. 
Stine [32] also studied a hydrocarbon process in which a volume of reservoir was heated to about 
450 °C, following hydrogen injection. After shutting in for 48 h, upgraded oil was produced through the 
injection well. The presence of a high concentration of indigenous metals (oil that contains V, Ni, and Fe) 
was claimed to give a catalytic effect, leading to hydrogenation. However, a small change in sulphur 
occurs, suggesting that the upgrading was due to processing over a heated zone and not hydrogenation. 
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1.3 UNDERGROUND HYDROTHERMAL PROCESSING 
1.3.1 HYDROTHERMAL PARTIAL OXIDATION 
Hydrothermal partial oxidation reforming is an autothermal reforming in which steam reacts 
with hydrocarbons in the presence of oxygen. CO2 may also be added into the process in order to 
create hydrothermal partial oxidation and CO2 reforming simultaneously. Comparatively to steam or 
CO2 reforming, the energy is supplied by the oxygen through the exothermic partial oxidation 
reaction, therefore less energy cost for the supply. 
Hydrothermal partial oxidation reforming is a very high energy-efficiency process. It is a 
promising application on account of energy requirements. It has been found that the challenges 
associated with autothermal reforming are a lack of knowledge on the effects of pressure and 
temperature, as well as sulphur poisoning. O’Connor et al. [33] performed a study on cyclohexane 
and n-hexane as well as iso-octane by using air as the oxygen carrier. According to O’Connor et al. 
[15], an enhancement of syngas production is observed when the air pore size is decreased from 20 
to 80 pores per inch (ppi) as shown in Figure 1-5 with a yield reaching 80% at a ratio of around 0.6. 
A study of the partial oxidation of hydrocarbons reforming was performed by Subramarian et al. [34], 
in which it was revealed that the reactivity of hydrocarbons increases with a decrease in their 
molecular weight, similar to what is expected from conventional oxidation. 
Hydrothermal combustion is an in situ underground partial autothermal reforming process, where 
oxygen or air is injected into an oil well to burn a small portion (≤ 10%) of the oil via partial oxidation 
reactions. In addition, heat can be used to mobilize heavy oil as a result of viscosity reduction, 
visbreaking, fluid expansion, and compaction as stated by Thomas [35]. Depending on the oxidation 
temperature used, in situ combustion is classified into low temperature oxidation (LTO) that takes place 
at temperatures below 400 °C), or high temperature oxidation (HTO) that takes place typically at 
temperatures in the range 400 – 650 °C. 
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Figure 1-5: Effects of carbon to oxygen ratio (C/O) on the syngas composition (O’Connor et al. [33]). 
 
In situ combustion is generally applied to heavy oil and deep light oil reservoirs associated with 
pipe corrosion and the production of toxic gases such as and H2S as stated by Thomas [35]. High 
temperature oxidation (HTO) prevents the formation viscous oxygenated fuels resulting from LTO 
asserted by Greaves et al. [36] also HTO achieves full consumptions of oxygen, which displaces the oil 
by nitrogen flooding. Watanabe et al. [37] showed in the Figure 1-6 that the partial oxidation of liquid 
hydrocarbons (n-toluene) may also be carried in a SCW medium, which was proved to enhance the 
yield of H2 at a water density of 520 kg.m
-3 and other hydrocarbons quality via hydrogenation and 
hydrodesulphurization reactions. 
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Figure 1-6: Gaseous product composition of n-toluene partial oxidation at T = 400 °C, tR = 5 min (Watanabe et al. [37]). 
 
The temperature and pressure effect were analysed by Kapadia et al. [38] in the process of in 
situ combustion through thermal reservoir simulator (CMG 2008) as shown in Figure 1-7. Below the 
critical temperature and pressure (380 °C, 50 bar), as the temperature rises, the production of H2 soars 
while beyond 380 °C and 50 bar, H2 production decreases with increasing temperature. 
 
 
Figure 1-7: Pressure and temperature effect of on total H2 production rate, volume expressed at 15.5 °C and 1 atm 
per unit volume of bitumen burned (Kapadia et al. [38]). 
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Hydrothermal partial oxidation during steam and oxygen injection performed by Liu et al. [39] 
reported in the Figure 1-8 that as the ratio of steam to oxygen rises, the fraction of H2 rises while the 
fraction of CO diminishes, as well as a small increase in the methane concentration. This can be 
attributed to CO consumption through the water-gas shift reaction and a favourable production of 
CO2 and H2. Liu et al. [39] also concluded that H2 production increases as the temperature rises up to 
800 °C and then it declines significantly as shown in Figure 1-8. 
  
    
Figure 1-8: Produced gas composition as a function of steam-to-oxygen ratio and temperature from Liu et al. [39]. 
 
In addition, Liu et al. [39] affirmed that H2 in the gas mixture product increases as the water to 
coal (W/C) ratio increases, reaching 45% as shown in Figure 1-9. 
 
 
Figure 1-9: Produced gas composition as a function of water-to-coal ratio from Liu et al. [39]. 
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1.3.2 AUTOTHERMAL STEAM REFORMING OF HIGHER HYDROCARBONS 
Autothermal reforming combines the heat effects of the exothermic partial oxidation and 
endothermic steam reforming reactions by feeding fuel, water, and air together into the reactor. The 
steam reforming reaction absorbs part of the heat generated by the oxidation reaction, limiting the 
maximum temperature in the reactor according to Joensen and Rostrup-Nielsen [40] This method 
hence needs less steam compared to conventional reforming and practically all of the heat for the 
reforming reaction is provided by partial combustion of the fuel, so that external heating is not 
required according to Lamine and Dicks [41]. 
Dreyer et al. [42] performed autothermal steam reforming of higher hydrocarbons such as n-
decane, n-toluene, and JP-8 fuel. These experiments were performed under steady-state operation, with 
the upstream feed temperature maintained at 250 °C below the normal boiling point of n-hexadecane 
(288 °C). For carbon to oxygen ratios (C/O) of 0.7 to 1.5 and for steam to carbon feed ratios (S/C) 
from 0.0 to 4.0, the reactor operated autothermally while the H2 to CO product ratio was increased 
from ~1 to ~4.0, which is essentially the equilibrium product composition near synthesis gas 
stoichiometry (C/O ~ 1) at contact times of ~7 ms. In fuel-rich feeds exceeding the synthesis gas ratio 
(C/O > 1), steam addition suppressed olefins and promoted synthesis gas and water-gas shift products. 
Their experimental results are displayed in Figures 1-10, 1-11 and 1-12. 
Figure 1-10 shows the H atom selectivity for H2 and also the C atom selectivities for CO, CO2, 
and ethylene and propylene. H2, H2O, CO, CO2, and ethylene and propylene were the major products 
observed. Minor products included CH4, C2H6, C3H8, and a-olefins ranging from 1-C4H8 to 1-C10H20. 
When C/O < 1.0, as the S/C increased, the H2 and CO2 selectivities increased, and the CO and ethylene 
and propylene selectivities decreased. The optimum H2 was typically observed at C/O ~ 0.8. As the S/C 
increased from 0.0 to 4.0, the maximum H2 selectivity increased from 82% to 132%, while the CO2 
selectivity increased from 7% to 60%, and the CO selectivity decreased from 89% to 38%. This change 
in selectivities can be attributed to an increase in H2/CO from ~1 to ~4 when the S/C increased from 0.0 
to 4.0. For C/O > 1.0, as the S/C increased, the selectivity of ethylene and propylene decreased. At C/O 
~ 1.3, the maximum ethylene and propylene selectivity was typically observed. As the S/C increased 
from 0.0 to 2.0, the maximum ethylene and propylene selectivity decreased from 32% to 2%. An increase 
in synthesis gas and water-gas shift products were observed instead of olefins. 
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Figure 1-10: Effect of n-decane/oxygen (C10H22/O) and steam/n-decane (S/C10H22) ratio as well as effect of n-
hexadecane/oxygen (C16H34/O) and steam/n-hexadecane (S/C16H34) ratio on the product selectivity (Dreyer et al. 
[42]). 
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Figure 1-10 also shows results for hexadecane. For hexadecane, unlike n-decane, higher a-olefins 
ranging from 1-C4H8 to 1-C16H32 (not shown) were also significant at C/O > 1.0. Similar to n-decane for 
C/O < 1.0, as the S/C increased, the H2 and CO2 selectivities increased, and the CO and ethylene and 
propylene selectivities decreased. At C/O ~ 0.8, the maximum H2 was typically observed. As the S/C 
increased from 0.0 to 4.0, the maximum H2 selectivity increased from 59% to 140%, while the CO2 
selectivity increased from 8% to 73%, and the CO selectivity decreased from 75% to 27% at the 
corresponding C/O. This change in selectivities translates to an increase in H2/CO from ~1 to ~5 when 
the S/C increased from 0.0 to 4.0. For C/O > 1.0, as the S/C increased, the selectivity of ethylene and 
propylene decreased. At C/O ~ 1.2, the maximum ethylene and propylene selectivity was typically 
observed. As the S/C increased from 0.0 to 2.0, the maximum ethylene and propylene selectivity 
decreased from 42% to 2%. When C/O > 1.2, higher α-olefins, synthesis gas, and water-gas shift products 
were observed in place of ethylene and propylene. 
Beyond the excellent selectivity data generated by Dreyer et al. [24], the authors considered the 
variations in n-decane and n-hexadecane conversion as a function of S/CnHm (S/C) ratio; the conversions 
were found to progressively increase at lower S/C ratios, down to approximately CnHm/O (C/O) > 0.8. 
Little further effect was observed on decreasing the S/C below this value. Moreover, the decrease in n-
hexadecane conversion was not as large as the decrease in n-decane conversion. The results from this 
investigation on the n-decane and n-hexadecane conversion are given in Figure 1-11. 
 
 
 
 
 
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
 
Department of Chemical Engineering, Imperial College London 45 
 
   
Figure 1-11: Effect of n-decane/oxygen (CnHm/O) and steam/n-decane (S/CnHm) as well as n-hexadecane/oxygen 
(CnHm/O) and steam/n-hexadecane (S/CnHm ) ratio on the fuel conversions (Dreyer et al. [42]). 
 
In addition, Dreyer et al. [24] explored the effect of increasing S/C ratio on n-decane and n-
hexadecane at C/O = 0.8 and 1.2. The results from this latter investigation are shown in Figure 1-12. 
Figures 1-12(a) and (b) show the effect of increasing S/C at C/O = 0.8 for the two linear alkanes. 
The H atom selectivity for H2 and C atom selectivities for CO and CO2 are displayed for n-decane in 
(a) and for n-hexadecane in (b) with corresponding equilibrium values. The experimentally observed 
selectivities follow equilibrium selectivities for both fuels. Also, at C/O = 0.8, fuel and O2 conversions 
exceed 95%, which are near equilibrium conversions of 100%. 
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Figure 1-12: Effect of steam/fuel (S/C) ratio for n-decane and n-hexadecane at 4 SLPM and 1.1 atm. H2, CO, and CO2 
selectivities with corresponding equilibrium values at C/O = 0.8 are displayed in (a) for n-decane and in (b) for n-
hexadecane. Olefin product select selectivities at C/O = 1.2 are displayed in (c) for n-decane and in (d) for n-
hexadecane. Equilibrium values are calculated from experimentally temperatures and P = 1.1 atm (Dreyer et al. [42]). 
 
Figures 1-12(c) and Figure 1-12(d) display the effect of increasing S/C at C/O = 1.2. The C 
atom selectivities for ethylene, propylene, olefins smaller than C6H12, and α-olefins larger than 1-
C5H10 are displayed in (c) for n-decane and in (d) for n-hexadecane. The Figures show that selectivity 
of olefins less than C6H12 decrease for both fuels as the S/C increases and that n-decane has a greater 
decrease in lower olefin selectivity than n-hexadecane. In addition, the higher α-olefin selectivity for 
n-hexadecane increased from S/C = 0.0 to 1.0 and then decreased from S/C = 1.0 to 2.0, while higher 
α-olefin selectivity decreased with increasing S/C for n-decane. 
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1.4 HYDROCARBON REFORMING METHODS 
The conversion of hydrocarbons into H2, syngas and other petrochemicals involves significant 
emissions of CO2 and high costs of oil extraction and transportation. The challenges associated with 
the conversion of hydrocarbons above the surface include the need for removing sulphur and other 
heavy metals. Underground hydrothermal conversion of hydrocarbons involves the conversion of 
hydrocarbons using oxygen in the presence of steam and CO2 under supercritical pressure and 
temperature conditions. At supercritical conditions (T > 374 °C, P > 230 bar, for water), minor 
changes in the temperature or the pressure can cause a dramatic change in the fluid density. Also, at 
supercritical conditions water may dissolve the oil and catalyse the reaction. 
Kapadia et al. [38] suggested that subsurface oil gasification under hydrothermal conditions were 
stimulated by the fact that abundant heavy and unrecoverable oil bearing reservoirs exist throughout 
the world, such as in Canada, Venezuela require huge quantities of hydrogen to facilitate extraction and 
in situ upgrading. Hydrogen generation from hydrocarbon resources according to Hajdo et al. [43], 
takes place via distinct reactive processes. Firstly, there is aquathermolysis, which is defined as a set 
of physico-chemical reactions between a crude oil and steam, at temperatures ranging between 200 °C 
and 300 °C. Secondly, there is thermolysis that is a process in which a chemical dissociation or 
decomposition of compounds by heat occurs. Thirdly, there is partial oxidation (PO), water-gas shift 
(WGS) and CO2 reforming. The hydrogen yield from each process is dependent of the reaction 
mechanism and processing conditions as well as hydrogen consumption reactions for instance 
methanation, hydrodesulphurisation, and hydrocracking. 
A significantly greater yield of H2 can be obtained from the partial oxidation, water-gas shift 
reaction and reforming reactions compared to aquathermolysis and thermolysis. According to Hyne 
[11], the aquathermolysis (200 – 300 °C) of heavy oil involves the reaction between oil and steam 
whereas the reaction time increases, the oil viscosity reduces. However, the reaction will reach 
equilibrium after a certain period of time and will not be sensitive to any further reaction time any 
more. His analysis shows that, while resin and asphaltenes decrease, saturated hydrocarbons and the 
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H/C ratio increase after reaction. The main mechanism of aquathermolysis between conventional 
heavy oil and superheated steam includes hydrogenation, desulphurisation, reaction of resin and 
asphaltenes. In addition, Hayashitani et al. [44], affirmed that thermolysis or pyrolysis involves the 
anaerobic thermal cracking of heavy hydrocarbons by the heat in order to produce lighter 
hydrocarbon, gases, hydrogen and syngas such as CO, H2, H2O, CO2, and CH4 as well as other gases 
for instance H2S or NH3. According to Navarro et al. [45], the reactants molar flowrates, the type of 
the hydrocarbon fuel, the API density of crude oil, and the operating temperature and pressure are 
factors governing the yield of the obtained gases. 
 
1.4.1 PARTIAL OXIDATION REFORMING 
Navarro et al. [45] state that high temperature conditions favour the partial oxidation reaction. 
The chemical reaction that governs partial oxidation is: 
CnHm + n/2 O2 → n CO + m/2 H2 , for n = 1: ΔH◦298 = -35.6 kJ.mol-1  (4)  
Thermodynamic and kinetic analyses of CH4 reforming by partial oxidation have been 
investigated by Zhu et al. [46]. The thermodynamic analysis has been performed using the Gibbs free 
energy minimization method, and the kinetic modelling has employed FORTRAN program 
CHEMKIN and the results are displayed in Figures 1-13 and 1-14. 
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Figure 1-13: Thermodynamic equilibrium results: normalized equilibrium product yield as a function of initial O2/CH4 
ratio at various temperatures in CH4/air mixture at 1 atm (Zhu et al. [46]). 
 
The effects of initial O2/CH4 ratio, temperature and pressure are examined. The results from the 
thermodynamic analysis reveals that the syngas yields are strongly dependent on the initial O2/CH4 
ratio with maxima occurring at an optimal initial O2/CH4 ratio varying with temperature. The optimal 
O2/CH4 ratio decreases with increasing temperature and approaches 0.5 at temperatures greater than 
800 °C. The syngas yields also increase with increasing temperature but with decreasing pressure, yet 
high temperature can suppress the pressure effect. The CHEMKIN simulations suggest that two 
distinct stages exist during the partial oxidation. The first stage is a rapid ‘oxidation’ zone where H2O 
and CO2 are the main reaction products. The second stage is a slow ‘conversion’ zone where steam 
and CO2 reforming, water-gas shift reaction as well as C2H2 coupling and C2H2 steam reforming takes 
place with H2 and CO being the main products. Both thermodynamic and kinetic predictions of H2 
and CO yields compare well at high temperatures. 
The partial oxidation and complete oxidation of methane are (respectively): 
CH4 + 1/2 O2 → CO + 2 H2,   ΔH = -35.9 kJ.mol-1    (5)  
CH4 + 2 O2 → CO2 + 2 H2O,   ΔH = -802 kJ.mol-1    (6)  
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Zhu et al. [46] found (the reader is referred to Figure 1-14) that when O2/CH4 is greater than 
2.0, complete CH4 oxidation (as per Eq. (6)) occurs, resulting in CO2 and H2O. In this case, no CO 
and H2 are produced. As the O2/CH4 ratio is reduced from 2.0 to 0.5 (for temperatures above 800 °C), 
partial oxidation (as per Eq. (5)) and full combustion (as per Eq. (6)) coexist, producing a mixture of 
H2, CO, H2O, and CO2. Oxygen is completely consumed. For O2/CH4 ratios less than 0.5, the 
equilibrium products involve H2, CO and excess CH4. 
In addition, in Figure 1-14, CHEMKIN predictions and the thermodynamic calculation results 
at 1500 °C agree extremely well. Simulations indicate that the higher the temperature, the better the 
agreement between the two. As can be seen from Figure 1-14, all product yields from the kinetic 
calculations almost exactly match those from the thermodynamic equilibrium results at 1200 °C. Only 
when the initial O2/CH4 ratio is close to 0.5, the kinetic results become slightly lower than the 
equilibrium results. It is expected that if the reactor length is increased or the flowrate of reactant gas 
reduced, the agreement can be improved. By reducing the mass flow-rate to 0.0004 g.cm-2.s-1, it can 
be seen that with this extremely small feed rate (long residence time), the outlet product yields become 
very close to the equilibrium state. However, under fuel-rich conditions (low O2/CH4 ratios), H2 yield 
predicted exceeded the equilibrium result. 
 
    
Reactant mass flow-rate:   Reactant mass flow-rate: 
0.04 g.cm-2.s-1 at 1500 °C   0.0004 g.cm-2.s-1 at 1200 °C 
Figure 1-14: Comparison of thermodynamic (lines) and kinetic simulation (symbols) results: normalized product yield 
versus initial O2/CH4 ratio at 1 atm. The reactor length is 10 m (Zhu et al. [46]). 
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The chemical reactions that govern steam/CO2 reforming of hydrocarbons as stated by Navarro 
et al. [45] are displayed below:  
CnHm + n H2O → n CO + (n+m/2) H2 , for n = 1: ΔH◦298K = +206.2 kJ.mol-1  (7)  
CO + H2O → CO2 + H2 ,  ΔH◦298K = -41.2 kJ.mol-1   (8) 
Methane formation;  
CO + 3 H2 O + 4 + H2O ,   ΔH◦298K = -206.2 kJ.mol-1   (9) 
Carbon formation;  
2 CO → C + CO2 ,   ΔH◦298K = -172.5 kJ.mol-1   (10)  
CH4 → C + 2 H2 ,   ΔH◦298K = +74.9 kJ.mol-1   (11) 
CO2 reforming;  
CH4 + CO2 → 2CO + 2 H2 ,  ΔH◦298 = +247.4 kJ.mol-1   (12)  
CO2 + H2 → CO + H2O ,  ΔH◦298 = +41.2 kJ.mol-1   (13) 
Navarro et al. [45] note that the yield of hydrogen and syngas increases and inhibit methanation 
and hydrogen consumption reactions at high temperatures whereas at high-pressure conditions 
methanation and hydrogen consumption are favourite reactions. High temperature operating is needed 
in order to maximize the production of syngas (CO and H2) for the endothermic of the steam/CO2 
reforming reactions. 
 
1.4.2 STEAM REFORMING 
The hydrogen bond splitting and the water-gas shift reactions are the main reactions taking 
place on the catalyst surface. The mechanism of steam splitting and methane dehydrogenation taking 
place on the nickel catalyst surface has been proposed by Navarro et al. [45]. Due to the lower carbon 
formation [28] and the potential reduction in the plant size requirements, methane is the fuel 
commonly used for steam reforming according to Navarro et al. [45]. The ratio of H2 to CO may be 
controlled via steam to methane ratio, temperature, pressure, as well as the catalyst properties. In the 
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case of steam methane reforming, three equations below govern the process: 
CH4 + H2O → CO + 3 H2 ,   ΔH = +206 kJ.mol-1    (14) 
CO + H2O → CO2 + H2 ,    ΔH = -41 kJ.mol-1    (15) 
CH4 + H2O → CO2 + 4 H2 ,   ΔH = +165 kJ.mol-1    (16) 
Because of the endothermic behaviour of steam reforming, high temperature is favoured. In 
addition, because volume expansion occurs, low pressure is favoured. In contrast, reaction 16 the 
exothermic reaction is favoured by low temperature, while changes in pressure have no effect. James 
[48] performed a theoretical calculation study of methane steam reforming (Figure 1-15) with 
steam/carbon ratio 2:1. James [48] asserted that steam reforming process is divided into two steps: a 
section at high temperature and pressure (typically 800 – 1000 °C and 30 – 40 bar) in which the 
reforming and shift reaction occurs, followed by an additional two-step shift section at a lower 
temperature (typically between 200 – 400 °C) in order to maximize the CO conversion. This can be 
attributed to the fact that thermodynamics of the WGS reaction are more favourable at lower 
temperatures, also WGS activities declines rapidly with temperature. 
 
 
Figure 1-15: Theoretical thermodynamic calculation of methane steam reforming at S/C 2:1 ratio (James [48]). 
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Also, Joensen and Rostrup-Nielsen [40] carried out a typical equilibrium conversion study of 
steam reforming of methane against temperature, pressure and steam/carbon ratio. It can be observed 
from the graph (Figure 1-16) that to maintain a high methane conversion, it is necessary to operate 
the system at high temperature, low pressure, and relatively high steam to carbon ratio. 
 
 
Figure 1-16: Equilibrium conversion of steam reforming of methane against temperature, pressure and steam/carbon 
(S/C) ratio (Joensen and Rostrup-Nielsen [40]). 
 
1.4.3 IN SITU COMBUSTION PROCESS (ISC)  
This method is frequently used to assist the recovery of heavy oil and tar sands through a 
combination of physical phenomena according to Ross [47] which includes vaporization, steam 
distillation, visbreaking, rock and fluid expansion, compaction, and viscosity reduction. In situ 
combustion is a thermal enhanced oil recovery (EOR) method in which a fraction of oil or coke in 
the oil layer is burned in order to mobilize the unburned fraction. Due to the strong exothermic 
oxidation reactions between hydrocarbon or coke and oxygen, the temperature of oil-bearing matrix 
in the combustion zone is 500 to 700 °C much higher than in steam flood processes (150 to 250 °C). 
High temperatures are very favourable for sands and heavy oil reservoirs because not only is oil 
viscosity reduced but heavy oil residue is also thermally cracked to lighter compounds. 
For More et al. [50], in situ combustion (ISC) has many advantages over other EOR processes 
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for recovery of heavy oil and bitumen namely high efficiency in terms of heat utilization, highly 
efficient displacement drive mechanism and less potential environment impact. It suffers from some 
significant operational problems which affect recovery from tars and heavy oil reservoirs such as 
gravity segregation or gas overriding, channelling and unfavourable gas/oil mobility ratio (Xia et al. 
[49]). In addition, the lack of initial heated communication paths within the reservoir and difficulty 
of regaining a high temperature mode once it has slipped into low temperature as well as the oxidation 
mode due to insufficient oxygen flux cause problem to ISC (Moore et al. [50]). 
 
     
Figure 1-17: Cyclic steam injection (left) and steam flooding processes (right). 
 
The common processes are cyclic steam injection, steam flooding and steam-assisted gravity drainage. 
 
1.4.4 CYCLIC STEAM INJECTION AND STEAM FLOODING PROCESSES 
Cyclic steam injection also known as the Huff and Puff method consist of 3 stages (see 
Figure 1-17): injection, soaking and production. Steam is first injected into a well for a certain amount 
of time to heat the oil in the surrounding reservoir to a temperature at which it flows. After it is 
decided enough steam has been injected, the steam is usually left to “soak” for some time after 
(typically not more than a few days). Then oil is produced out of the same well, at first by natural 
flow (since the steam injection will have increased the reservoir pressure) and then by artificial lift. 
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Production will decrease as the oil cools down, and once production reaches an economically 
determined level the steps are repeated again. 
Steam flooding is a thermal recovery method in which steam generated at the surface is injected 
into the reservoir through specially distributed vertical injection wells (Figure 1-17). The steam enters 
the reservoir and heats the crude oil, reducing its viscosity. The hot water that condenses from the steam 
and the steam itself generate an artificial drive that sweeps oil toward strategically drilled producing 
wells (similar to water flooding). Steam flooding is sometimes called continuous steam injection or steam 
drive. High temperature ESP systems are commonly used in these applications. 
 
1.4.5 STEAM ASSISTED GRAVITY DRAINAGE (SAGD) 
In the SAGD process (see Figure 1-18), two parallel horizontal oil wells are drilled in the 
formation, one about 4 to 6 m above the other. The upper well injects steam, possibly mixed with 
solvents, and the lower one collects the heated crude oil or bitumen that flows out of the formation, 
along with any water from the condensation of injected steam. The basis of the process is that the 
injected steam forms a “steam chamber” that grows vertically and horizontally in the formation. 
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Figure 1-18: Steam assisted gravity drainage (SAGD) diagram from Canada Petroleum. 
The heat from the steam reduces the viscosity of the heavy crude oil or bitumen which allows 
it to flow down into the lower wellbore. The steam and gases rise because of their low density 
compared to the heavy crude oil below, ensuring that steam is not produced at the lower production 
well. The gases released, which include methane, carbon dioxide, and usually some hydrogen 
sulphide, tend to rise in the steam chamber, filling the void space left by the oil and, to a certain 
extent, forming an insulating heat blanket above the steam. Oil and water flow is by a counter current 
gravity drainage driven into the lower wellbore. The condensed water and crude oil or bitumen is 
recovered to the surface by pumps such as progressive cavity pumps that work well for moving high-
viscosity fluids with suspended solids. 
 
1.4.6 THAI: TOE-TO-HEEL PROCESS 
THAI is an advanced ISC technique that integrates ISC and horizontal well technology as 
reported by Hyne [11]. A distinguishing feature of THAI is that it is a ‘short-distance oil 
displacement’ oil recovery process (Xia et al. [49]) like SAGD, whereas conventional ISC is ‘long-
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distance displacement’ (Singhalet al. [51]) so as to achieve combustion front propagation along the 
horizontal well from “toe” position to the “heel”. THAI is different from conventional ISC as it 
eliminates the gas overriding effect. This is because the horizontal producer well, placed in the bottom 
of the oil layer, is the only pathway for mobilized fluids to leave the formation (see Figure 1-19). 
This occurs via a top-to-bottom flow, directly into the horizontal production well. In the conventional 
ISC process, fluids (gas, steam, water and mobilized oil) move through the formation horizontally, 
from the vertical injection well to the vertical producer well. The inter-well distance may be 100 to 
200 meters in a heavy oil reservoir. The difference in density between the gas and oil gives rise to 
gravity segregation. Thus, gas overriding is inevitable in the conventional ISC process. THAI 
achieves very stable combustion front propagation, from the ‘toe’ to the ‘heel’ of the horizontal 
producer well by controlling the gas overriding as stated by Xia et al. [49]. This contributes to a very 
efficient sweep of the reservoir, with high oil recovery. 
 
Figure 1-19: Illustration of the Toe-to-Heel (THAI) process. 
 
The chemical reaction processes of ISC was given earlier, but is also summarized below:  
Thermal cracking (pyrolysis): 
(a) Heavy residue → Light oil → Coke 
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(b) Oxidation of coke: 
Coke → Oxygen → CO → CO2 → H2O 
(c) Oxidation of heavy residue: 
Heavy residue → Oxygen → CO → CO2 → H2O 
The very heavy residue, or ‘coke’, which remains on the reservoir matrix after displacement of 
lighter hydrocarbon components, is the result of thermal cracking of heavy hydrocarbons. The 
selection of the required process depends on the reservoir characteristics. 
Furthermore, the composition of the gaseous products depends on on the operating conditions 
(temperature and pressure) of the system [52]. This is shown is Figure 1-20, which compares the 
fraction of syngas compared to other reforming products as the temperature decreases and the 
pressure increases. Raising the pressure and reducing the temperature leads to a very significant 
reduction in both H2 and CO, and an increase in other reforming products, especially CH4 and CO2. 
 
Figure 1-20: Composition of the gaseous products of important THAI-reaction species as a function of the temperature 
and pressure (Lee et al. [52]). 
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1.4.7 UNDERGROUND CO2 REFORMING 
CO2 reforming is used for re-utilization of CO2 and controlling the H2/CO ratio. The carbon 
formation from CO2 reforming is much higher than steam reforming gas as result of the presence of 
more carbon atoms. The ratio of CO2 to hydrocarbon fuel in the feed affects the conversion of 
hydrocarbons fuel into syngas or hydrogen. A high temperature and a low pressure have to be 
maintained to maximize the conversion of hydrocarbons. 
In the case of CO2 methane reforming, the reaction equilibrium (Equation 17) for the production 
of synthesis gas from CH4 and CO2 is typically influenced by the simultaneous occurrence of the 
reverse water-gas shift (RWGS) reaction (Equation 18) which results in H2/CO ratios less than unity. 
CH4 + CO2 → CO + 2 H2 ,  ΔH◦298 = +247.4 kJ mol-1   (17) 
CO2 + H2 → CO + H2O ,  ΔH◦298 = +41.2 kJ mol-1   (18) 
The equilibrium conversions of CH4 and CO2 for this set of reaction equilibrium for a feed 
stream at 1 bar total pressure (CH4:CO2 = 1:1), calculated using the program ARL SOLGASMIX by 
Bradford and Vannice [53] are shown in Figure 1-21.  
 
    
Figure 1-21: (A) Equilibrium conversions of CO2 (○) and CH4 (●) and (B) product ratios of H2/CO (□) and H2O/CO (▪) for 
simultaneous CO2 - CH4 reforming and RWGS reactions as a function of temperature. Reaction conditions: Ptot = 1 atm; 
CH4/ CO2 = 1/1 by Bradford and Vannice, [53]. 
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The conversion of CO2 is always greater than that of CH4, due to the RWGS equilibrium. In 
practice, this is advantageous for producing gas streams with a H2/CO ratio of unity or lower. For 
example, to produce alkanes directly from synthesis gas, the reaction stoichiometry is: 
n CO + (2n+1)H2 + n H2O → CnH2n+2 + n H2O 
where the required H2/CO feed ratio is (2n + 1)/n, which is never less than 2. However, if the water-
gas shift (WGS) reaction: 
H2O + CO → CO2+ H2 
occurs simultaneously to completion, the overall stoichiometry for the production of alkanes is, 
2n CO + (n+1) H2 → CnH2n+2 + n CO2 
and the required H2/CO feed ratio is (n + 1)/2n, which is less than or equal to unity. 
In the presence of the WGS equilibrium, the steam reforming of CH4, i.e., 
CH4 + H2O ⇌ 3 H2 + CO 
yields H2/CO ratios greater than or equal to 3. The partial oxidation of CH4, i.e., 
CH4 + 
1
2
O2 ⇌ 2 H2 + CO 
yields a H2/CO ratio of 2. Consequently, if H2/CO ratios less than or equal to unity are desired (e.g., 
for the production of long-chain alkanes), then CO2 reforming of CH4 is preferable. 
During the past decade, many research groups have investigated the concept of “mixed” 
reforming; that is, the simultaneous reaction of CH4 with CO2 [Reaction (17)], H2O [Reaction (18)], 
and O2 from CH4 + 
1
2
O2 ⇌ 2 H2 + CO, which has been considered because it has several practical 
advantages over CH4, reforming with either CO2 or H2O alone as affirmed by Bradford and Vannice, 
[53]. First, H2/CO ratios ranging from about 1 to 3 can be produced via adjustment of the CO2/H2O/O2 
feed ratio. Second, as CH4 partial oxidation is mildly exothermic, the addition of O2 can minimize 
the energy requirements for either CH4 → CO2 reforming or CH4 → H2O reforming. Third, the 
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formation of solid carbon, C(s), during CO2 reforming of CH4 may occur either via CH4 decomposition 
or CO disproportionation (i.e., the Boudouard reaction), 
CH4 ⇌ 2 H2 + C(s)         or         2 CO ⇌ CO2 + C(s) 
Finally, the addition of either H2O or O2 to the feed inhibits carbon formation either via gasification 
or oxidation, 
H2O + C(s) ⇌ CO + H2         or         x O2 + C(s) ⇌ 2(1 − x) CO + (2x − 1) CO2 
 
1.5 UPGRADING OF HEAVY OIL WITH METALS 
Upgrading of heavy oils is necessary because the world reserves of conventional light oils are 
dwindling and being replaced by an increasing amount of heavy oils [54–59]. Heavy oils contain 
significant quantities of metals, mainly nickel, vanadium and iron, as well as sulphur and nitrogen 
heteroatoms contaminants [57-60], which pose a problem for economical upgrading of heavy oils. 
Although these metals are only present in trace quantities, they create a particular problem for refineries 
due to accumulation of metal contaminants on catalysts causing permanent deactivation of both 
desulphurization and cracking catalysts accordingly to Dechaine et al. [59] and Nakamoto [61]. 
For heavy oils and bitumen, the concentration of vanadium is higher than that of nickel with 
few exceptions [58-64]. Vanadium compounds present in the saleable oil create vanadium pentoxide 
during combustion raising concerns of toxicity if emitted directly to the environment from a stack, as 
well as corrosion concerns for turbines when used in power generation according to Dechaine et al. 
[59]. These problems are hastened as the shortages of lighter oils are superseded by an ever-greater 
amount of heavy oils. Therefore, the removal of these metal contaminants from heavy oils and 
bitumen is highly desirable. Residue oil and heavy petroleum fractions contain high molecular weight 
species which contain highly condensed aromatic structures to which sulphur, nitrogen, oxygen and 
metals, mainly vanadium and nickel, are bound. 
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Hydroprocessing methods are employed to upgrade the quality of such feedstock by removal 
of these heteroatoms and metals [54-56]. Common hydroprocessing catalysts are Co-Mo and Ni-Mo 
on alumina supports Smith et al. [57]. In catalytic hydrodemetalization processes metals present in 
the feed deposit as metal sulphides on the inner surface of the porous catalysts. These deposits, though 
not as active as the original catalytic sites, act as a site for further metal deposition stated by Dechaine 
et al. [59]. The accumulation of metal containing deposits within the pores of the catalyst over time 
cause an irreversible catalyst deactivation as the pore mouths are blocked rendering the inner surface 
inaccessible for diffusion of feed molecules. In the selection of appropriate catalysts for 
hydroprocessing of heavy petroleum fractions, it is important to consider the diffusion behaviour of 
large metal containing molecules within the catalyst pores whose pore structures are changing with 
time on stream as a result of metal deposits. The build-up of metal deposits is believed to be the main 
cause of the decline in catalytic activity after a short initial period of coke deposition [59-61]. Catalyst 
pore structure plays an important role in the overall lifetime of the catalyst. Catalysts with smaller 
pores have higher activity but smaller pores are quickly plugged. On the other hand, catalysts with 
larger pores have lower initial activity but a longer lifetime [55-60]. Optimum pore diameters depend 
on the type and size of the reacting molecules. For example the optimum pore size for demetallization 
of nickel is less than that for vanadium. Kinetic studies on HDM reactions have indicated that 
increasing hydrogen pressure result in an increase in HDM rate until catalyst surface is saturated with 
hydrogen. Increasing reaction temperature will also result in an increase in HDM rate. Higher 
temperatures, however, will also enhance coke formation leading to a loss in catalyst activity. First 
and second order rate laws in terms of metal concentrations have commonly been used to describe 
the kinetics of HDM reactions for various feedstocks. The differences are due to the amount of 
sulphur, nitrogen and metal compounds in the feeds as well as the ratio of porphyrin to non-porphyrin 
metal compounds in line with Ware et al. [62] and others authors such as Welter et al. [63] and Marquez 
et al. [64]. 
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
 
Department of Chemical Engineering, Imperial College London 63 
Porphyrins are any of various organic compounds containing four pyrrole rings, and functioning 
as a metal-binding cofactor. Porphyrin with a metal at its centre is called a metalloporphyrin. 
Common metals in metalloporphyrin are vanadium (2+) and nickel (2+). In petroleum industry, trace 
metals is used for oil classification using a vanadium or vanadium plus nickel system. Age 
relationships can also be determined using trace metals. Trace metals with an affinity for clays (V, 
Ni, Mn, Cu, Fe) are in the field as geochemical halos on the edge of petroleum, accumulations and 
trace metals with a no affinity for clays (Ba, Sr, K) are present as geochemical halos overlying 
petroleum accumulations. 
Upgrading of heavy oils grows increasingly and necessary as heavier crudes are more often 
utilized to meet demand for lighter oils. Heavy oil is the bottom residue of atmospheric distillation 
column that is basically used for road surfacing and roofing. They contain significant quantities of 
metals, mainly nickel, vanadium and iron, as well as sulphur and nitrogen heteroatoms contaminants. 
Refinement of heavy oils is necessary to meet increasing demand for lighter oils. The concentration 
of vanadium is higher than that of nickel with few exceptions. Nickel and vanadium are present in 
heavy oils forming porphyrinic structures. Most studies to date have utilized porphyrin chelates. 
There are basically four methods for the removal of metals from heavy oils and residuum fractions: 
physical, chemical, electrochemical and catalytic treatment processes. The physical method removes 
a large amount of convertible material along with the metal containing species. Chemical methods of 
demetallation involved selectively remove the metals from organic moiety by reaction with acids or 
alkali. This effort is at the laboratory to small pilot plant stages. The only processes, which have been 
proven capable of effecting substantial removal of metals, are hydrotreating and gasification. 
Hydrotreating may not be economical or practical for heavy, high metal content residues. Also, the 
metals contained in crude oil contaminate catalysts during the refining process. The electrochemical 
process has successfully removed metal under atmospheric pressure and room temperature reducing 
costs in the total process; however, direct demetallation in crude oil still remains as an open challenge 
for electrochemists. 
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Catalytic hydrodemetallation (HDM) process is the most used process for demetallation from 
crude oil and research results are available in open literature. It was Wei and co-workers who 
pioneered HDM kinetics studies using model compounds. 
Supercritical water (SCW), water at a temperature and pressure above its critical points (374 °C 
and 221 bar), is an attractive solvent as well as a hydrogen donor. The ion product of water increases 
significantly at high temperatures and pressures. The dielectric constant of SCW ranges from 2 to 30, 
which are similar to the range of non-polar solvents (such as hexane, whose dielectric constant is 1.8), 
to polar solvents (such as methanol, whose dielectric constant is 32.6). With such a dramatic change 
of ion product and dielectric constant, SCW possesses either acidic or base effects on chemical 
reactions. SCW also acts as a solvent and a reactant on hydrolysis-based reactions, and water 
molecules often take part as collision partners. The effects of SCW on upgrading bitumen have been 
the subjects of investigation. However, no effective study on removing metal from heavy oil using 
supercritical water is available in literature. Such a method may become feasible as an 
environmentally benign process. 
The vanadium present in petroleum deposits is in the form of vanadyl porphyrins, derived from 
naturally occurring organic matter such as chlorophyll and heme. The skeleton of a porphyrin is a 
porphine, where the vanadium is axially coordinated to an oxygen atom and also coordinated to the 
four nitrogen atoms of the porphyrin macrocycle. 
The determination of metalloporphyrins in crude oil is of interest in understanding the 
geochemical origins of petroleum reservoirs, the diagenetic and the catagenetic pathways in the oil 
formation, and the maturation, depositional accordingly to Pourabdollah et al. [65-67] and 
environmental reconstruction studies reported by Ali et al. [68]. Alfred Treibs [69] discovered the 
petroleum porphyrins (petroporphyrins) in 1934. Vanadyl porphyrins were the first petroleum 
biomarkers conforming to Premovic et al. [70] and they are molecular fossils of tetrapyrrolic pigments 
such as bacteriochlorophylls and chlorophylls conforming to Premovic et al. [71]. Vanadium in crude 
oil causes corrosion problems that derive from the formation (in the combustion chamber of power 
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plants) of sodium vanadates (with low melting point), which react with the metal surface of the super 
heaters and form the metal oxide in line with Lepri [72]. 
According to the literature reports from Ali et al. [68] and El-Sabagh et al. [73], as well as 
Salehizadeh et al. [74], five main types of porphyrins along with their homologues are present in 
crude oil including etioporphyrins (Etio), deoxophylleoerythroetioporphyrin (DPEP), 
tetrahydrobenzo DPEP, benzo-Etio and benzo-DPEP. Up to 30% of vanadium and 25% of nickel in 
Tatarstan crude oil are found as porphyrin complexes. Ion et al. [75] analysed the vanadyl porphyrin 
distribution of Romanian petroleogenetic rocks by UV-Vis spectrophotometry, FTIR, ICP-atomic 
emission spectrometry, ESR and X-ray fluorescence spectroscopy. Holden and co-workers [76] 
developed the method of high-resolution reflectance spectroscopy for determination of porphyrins 
(low levels) in the kerogen fraction. After that, Premovic et al. [77] used the electron spin resonance 
(ESR) to quantify the high levels of vanadyl porphyrins in kerogens. Saitoh et al. [78] used a series 
of preliminary separation procedures for pre-concentration of metalloporphyrins and determination 
by reversed-phase high-performance liquid chromatography (HPLC). Ali et al. [68] extracted the 
nickel and vanadyl porphyrins in residue of Saudi Arabian crude oils. The nickel porphyrins were 
separated from vanadyl porphyrins using adsorption chromatography on alumina and silica gel by 
solvents of increasing polarity. They monitored the chromatographic separation by UV-Vis 
spectrophotometry. 
 Metals exist in porphyrin structures, commonly called petroporphyrins, and accumulate in the 
higher boiling fractions. Because of the global demand for refined transportation fuels, conversion of 
the heavy, high-boiling (problematic) fractions of medium and heavy crude oils to lower boiling 
(useful) fractions is highly desirable. However, before crude oil can be converted to fuel, metal-
containing components must be removed. Distillation concentrates metals in the residue, and the 
subsequent asphaltene fraction is enriched in vanadium and nickel relative to the whole crude in 
consonance with Amorim et al. [79] and Pearson et al. [80]. 
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The characterization of vanadium (V) and nickel (Ni) complexes is important to the 
development of demetalation and catalytic strategies used to process heavy crudes as stated by Lepri 
et al. [81]. Porphyrins are problematic for refineries because they affect upgrading and conversion 
processes in agreement with Pearson et al. [80]. Even at low concentration (< 1%), vanadium alters 
catalyst selectivity and blocks active sites on catalysts used in cracking, increases coke formation, 
reduces gasoline yields as reported by Pearson et al. [80] and by Lee et al. [82] and forms sodium 
vanadate implicated in the corrosion of metal surfaces just as Triebs et al. [83,84] stated. Deposits of 
vanadium and nickel formed on catalysts can cause bed plugging with heavier feedstocks, and nickel 
porphyrins in the asphaltene fraction are believed to stabilize water-in-oil emulsions according to 
Baker et al. [85]. 
Petroporphyrins were the first compounds to link crude oil to its biological origin by Triebs et al. 
[83,84], more than 60 years ago. Metalloporphyrins can also serve as indicators of petroleum maturation 
because heavy, young oils contain a higher amount of vanadyl and nickel porphyrins than more mature, 
light crudes by Baker et al. [85] and Triebs et al. [83,84]. The concentration ratio of the two main 
petroporphyrins, deoxophylloerythroetioporphryin (DPEP) and etioporphyrin (etio), which form 
vanadyl (VO) and Ni complexes, is also an oil maturity indicator. A higher amount of the DPEP [or 
cycloalkanoporphyrins (CAPs)] indicates a more mature crude oil, and the ratio of nickel/vanadyl 
porphyrins decreases as crude matures accordingly to Gallegos et al. [86] and Barwise, et al. [87-89]. 
Figure 1-22 shows the structures of proposed petroporphyrin classes found in crude oil, e.g., di-DPEP, 
rhodo-DPEP, and rhodo-etio formed by dehydrogenation of alkyl chains of DPEP and etio core 
structures, each consisting of a homologous alkyl series as reported by Pearson et al. [80] and Baker et 
al. [85-88]. 
The characterization of petroporphyrins is usually preceded by extensive isolation and/or 
purification by methods such as oxidation according to Barwise et al. [87], separation into acid, base, 
and neutral fractions as reported by Pearson et al. [80], by solubility separations as reported Millson 
et al. [90] and Spencer et al. [91]. 
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Refining of crude oil to final products requires desulphurization of the oil. Fuel specifications 
that govern transportation fuels have over the years become increasingly stringent with respect to 
sulphur content. Many petrochemical products are likewise produced to be almost sulphur free. The 
removal of sulphur from oil is consequently one of the central conversion requirements in most 
refineries and the price (and processing cost) of a crude oil is influenced by its sulphur content. 
The concentration and nature of the sulphur-containing compounds change over the boiling 
range. The amount of sulphur in a distillation fraction increases with an increase in boiling range, 
with the heaviest fraction containing the most sulphur. The sulphur compounds become more 
refractory with increasing boiling point, as the dominant compound class changes from thiols, 
sulphides, and thiophene in the naphtha to substituted benzothiophenic compounds in the distillate. 
In the vacuum gas oil and vacuum residue, the sulphur is contained mainly in compounds of the 
dibenzothiophene family. The chemical nature of the sulphur has direct bearing on its removal. 
Desulphurization of compounds that contain aliphatic sulphur, i.e. thiols and sulphides, is easier than 
desulphurization of compounds that contain aromatic sulphur, i.e. thiophenics. 
Hydrodesulphurization (HDS) in combination with carbon rejection technologies, such as 
coking and fluid catalytic cracking (FCC), are the main technologies industrially employed for the 
desulphurization of heavy oil. Although these technologies are quite capable of desulphurizing heavy 
oil, their carbon footprints are substantial. All of these technologies, including the production of 
hydrogen that is needed for HDS, involve high-temperature processing. The refining cost (financial 
and environmental) increases as heavier and more sulphur rich crude oils are being processed. 
Alternative desulphurization pathways are therefore of interest. 
Sulphur is the most abundant element in petroleum after carbon and hydrogen. The average 
sulphur content varies from 0.03 to 7.89 mass% in crude oil according to Mehran et al. [92]. The 
sulphur compounds can be found in two forms: inorganic and organic. Inorganic sulphur, such as 
elemental sulphur, H2S and pyrite can be present in dissolved or suspended form Agarwal and Sharma 
[93]. Organic sulphur compounds such as thiols, sulphides, and thiophenic compounds represent the 
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
 
Department of Chemical Engineering, Imperial College London 68 
main source of sulphur found in crude oil. Some of the important classes of organic sulphur 
compounds are shown in Figure 1-22. 
 
 
Figure 1-22: Classes of sulphur containing compounds in crude oil (R=alkyl). 
 
Crude oils with higher viscosities and higher densities usually contain higher amounts of more 
complex sulphur compounds. The aliphatic acyclic sulphides (thioethers) and cyclic sulphides 
(thiolanes) are easy to remove during a hydrodesulphurization process or by thermal treatment. On 
the other hand, sulphur contained in aromatic rings, such as thiophene and its benzologs (e.g. 
benzothiophene, dibenzothiophene, benzonaphthothiophene) are more resistant to sulphur removal 
by hydrodesulphurization and thermal conversion in line with Gray et al. [95]. 
Processing bitumen extracted from oil sands is challenging due to high viscosity, high density, 
and high concentration. Considerable effort has gone into the identification of sulphur compounds 
present in heavy oil; including oil sands derived bitumen (Purcell et al. [95]; Donald et al. [96]; Panda 
et al. [97]; Shi et al. [98]; Liu et al. [99]). The reported molecular weight of sulphur compounds in 
the oil sands bitumen varies from 200 to 700 m/z (Shi et al. [59]), although this is a contentious 
subject. The relative abundance of species containing one, two, or three sulphur atoms per compound 
(S1, S2 and S3 species) are 74, 11, and 1%, respectively. Sulphur also occurs in combination with 
other heteroatoms. The order of relative abundance of sulphur in sulphur-only and mixed heteroatom-
containing species is (Shi et al. [98]): S1>S2>S1O1>S1O2>S1N1 ~ S2O1>S3. Compounds containing 
only a single sulphur atom without any other heteroatoms (S1), such as benzothiophenes and 
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dibenzothiophenes, are the dominant sulphur compounds in oil sands-derived bitumen (Purcell et al. 
[95]; Panda et al. [97]; Shi et al. [98]). It is likely that the S1O1 species are mainly sulfoxides and that 
the S1O2 species are mainly sulphones. These compounds are naturally occurring oxidation products 
of the crude oil (Sudipa et al. [100]). 
The S2 and S3 type species are more likely to be benzodithiophenes and conjugated 
benzothiophenes or dibenzothiophenes with two thiophenes or more, respectively (Figure 1-23) (Shi 
et al. [98]; Liu et al. [99]). 
 
 
Figure 1-23: Compounds classes containing two S2 and three S3 sulphur atoms per compound. 
Various methods were suggested for the desulphurization of oils and refinery streams. These 
strategies include hydrodesulphurization, extractive desulphurization, oxidative desulphurization, 
biodesulphurization, alkylation-based desulphurization, chlorinolysis-based desulphurization, and 
desulphurization using supercritical water. Despite the variety of methods reported in literature, few 
of the strategies are viable for the desulphurization of heavy oil. This is mainly due to the properties 
of the heavy oil, such as high sulphur content, high viscosity, high boiling point, and refractory nature 
of the sulphur compounds. 
The following specific observations were made based on a review of desulphurization literature 
and the applicability of different desulphurization strategies for heavy oil: 
(a) The fouling nature, high viscosity, and bulkiness of the molecules in heavy oil undermine the 
efficiency of processes that require a solid material, as catalyst or adsorbent. 
(b) The high boiling nature, high viscosity, and complexity of heavy oil make it difficult to employ 
separation strategies that rely on selective extraction and distillation. This holds true even when 
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the sulphur molecules are selectively converted by alkylation, oxidation or chlorinolysis prior 
to separation. 
(c)  Biodesulphurization may lead to successful desulphurization, but there are technical obstacles 
related to the refractory nature of the sulphur molecules that must be metabolized, high 
viscosity, and the complexity of the heavy oil. Microorganisms with high sulphur specificity 
are required, as well as ways to overcome the transport limitations. 
(d)  Selective reactive conversion of sulphur compounds that requires a stoichiometric reagent that 
cannot be supplied at low cost and in bulk, has little chance of leading to an economically viable 
desulphurization process. Heavy oil has high sulphur content and the amount of reagent 
required for desulphurization is very high. Industrially H2 is employed, which is typically 
produced from CH4 and H2O. Chemicals that are more expensive on a molar basis are likely 
too expensive. This disqualifies alkylation, chlorinolysis, and many of the chemical oxidation 
processes for desulphurization. 
(e)  Supercritical water on its own does not lead to desulphurization. Desulphurization that was 
reported in conjunction with supercritical water can be ascribed to other forms of 
desulphurization. 
(f)  Autoxidation (oxidation with air as oxidant) is a viable desulphurization strategy for heavy oil. 
Autoxidation itself leads to little desulphurization and it must be used in combination with a 
sulphur removal step. Thermal decomposition seems to be the most viable desulphurization 
strategy for heavy oil after oxidation. 
(g)  Synergetic combinations involving oxidation with biodesulphurization, thermal processing, and 
hydrodesulphurization were noted. 
The oxidizing reagent used was hydrogen peroxide (H2O2, 33% w/w) and dibenzothiophene 
(DBT or C12H8S, > 98% pure, Sigma-Aldrich) was used as model sulphur compounds. A solvent such 
as toluene (C7H8, 0.87 kg.L
-1) was also obtained from Sigma-Aldrich. Reference solutions for sulphur 
determination in oil and solvent phase were prepared by dissolving DBT in toluene. 
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Reactions for sulphur removal were performed combining different mixtures of H2O2 to toluene 
ratio directly into the reactor. The effect of H2O2 concentration solution as well as water effect on 
sulphur removal was studied using 1 mL volumes of H2O2 ranging from 1 to 8% w/w H2O2 to a 
mixture of 3 mL feedstock. After choosing the H2O2:C7H8 molar proportion, the effect H2O2 
concentration was studied. The effect of the temperature on the reaction was evaluated in the range 
of 300 – 380 °C. Using the selected temperature conditions, the reaction time was also investigated 
from 5 to 80 min. Oil and solvent phases were separated and sulphur concentration was determined 
in both phases. For experiments with model compounds, aqueous phase was washed with toluene for 
characterization of obtained products. Sulphur conversion efficiency was calculated taking into 
account the sulphur concentration remaining in oil phase. 
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CHAPTER 2 
EQUILIBRIUM CALCULATIONS 
 
In order to gain insight into the potential product compositions of hydrothermal partial 
oxidation reactions, a thermodynamic analysis of the associated chemical equilibria has been carried 
out and the balance equations for the simultaneous chemical reactions have been considered. 
 
2.1 MASS BALANCE EQUATIONS FOR SEVERAL REACTIONS 
OCCURRING IN A SINGLE PHASE 
A set of stoichiometric relations (chemical equations) for M independent reactions that satisfy 
the constraints on the system are: 
, where C is the number of chemical species 
, and the equilibrium constant for the jth reaction is: 
 
 
Now, the specific set of reactions that can occur between steam and carbon is: 
        (19) 
         (20) 
         (21) 
         (22) 
        (23) 
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,........2,10)(
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222 22 HCOOHC 
22 HCOOHC 
COCOC 22 
422 CHHC 
222 HCOOHCO 
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In order to determine the equations needed to calculate the equilibrium in these reactions, 
Denbigh’s method has been applied by writing up the following reaction steps: 
         (24) 
          (25) 
          (26) 
         (27) 
          (28) 
 
Since neither atomic O nor H is present in the sequence of Reaction 19 to Reaction 23, these 
may be eliminated as follows: 
 and  also, 
Equation (21) = 2 × Equation (20) – Equation (19) and  
Equation (23) = Equation (19) – Equation (21) 
 
Therefore, three independent chemical reactions among six species were obtained:  
Reaction 1:        (29a) 
Reaction 2:        (29b) 
Reaction 3:         (29c) 
 
Assuming  are the molar extents of these three reactions, the mole balance of gases 
can be established and the result is shown in Table 2-1 (overleaf). 
 
OHOH 222 
22 COOC 
COOC 
44 CHHC 
22 HH 
2
2
1
HH  22 HOHO 
222 22 HCOOHC 
22 HCOOHC 
422 CHHC 
321 ,, 
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Table 2-1: Mole balance of gaseous species for 1 mole of steam. 
Species Initial number of 
moles 
Final number of 
moles 
Moles fractions 
 1   
 0   
 0   
 0   
 0   
Total 1   
 
The equilibrium constant of each reaction is given by: 
 
 
 
 
In addition, an acceptable solution must obey the inequalities:  (i.e. no more steam 
is used than what was supplied), and  (i.e. no more hydrogen is used than what 
has been produced). The above system of equations was solved using an in-house code written in 
Matlab and Octave. The final result is shown in Figure 2-1. Figure 2-1 indicates that the equilibrium 
mole fractions of H2O, CO, CO2, H2 and CH4 in the steam-carbon system are strongly dependent on 
the temperature. As the temperature increases, the mole fractions of H2, CO increase whereas the 
mole fractions of H2O, CO2 and CH4 decrease significantly (note log-scale). 
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Figure 2-1: The equilibrium mole fractions for carbon-steam reactions as a function of temperature. 
  
The equilibrium constant Keq of each independent chemical reaction is also a function of only 
temperature. By successive integration of Van’t Hoff equations, and given values of standard 
enthalpies and Gibbs free energies of formation at 298.15 K (or 25 °C) obtained from the Chemical 
Database Service CDS the effect of temperature on the value of the equilibrium constants for the three 
independent reactions in the carbon-steam system is shown in Figure 2-2. The equilibrium constants 
for the three independent reactions between steam and carbon are dependent on the temperature. As 
the temperature increases, the equilibrium constants of Reaction 1 and Reaction 2 increase as the 
temperature increase. On the contrary, the equilibrium constant of Reaction 3 decreases as the 
temperature increases. 
Furthermore, Figure 2-3 shows the extent of reaction for the three independent reactions given 
in Equation (29) as a function of temperature. As the temperature increases, the extent of Reaction 3 
keeps increasing while the extent of Reaction 2 increases to the optimum value and then starts 
decreasing. The decrease in the extent of reaction content as the temperature increases is also observed 
in Reaction 1. The solution to the above test problem shows that the developed code predicts correctly 
the equilibria of interest and can thus be used to perform calculations for other project related systems 
of (chemical) equations. 
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Figure 2-2: Equilibrium constants for the 3 independent reactions between coal and steam as a function of temperature. 
 
 
Figure 2-3: Variation with temperature of the extent of the independent reactions between coal and steam. 
 
This chapter presents a brief description of the Matlab and GNU Octave software that has been 
used for the modelling work and the equations/models used by the software to simulate the partial 
oxidation of hexadecane. In the second part of this chapter a detailed description of the models built 
and used in this study and the various case-runs are presented. 
Reaction 2 
Reaction 3 
Reaction 1 
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2.2  SOFTWARE DESCRIPTION 
GNU Octave and Matlab are high-level languages, primarily intended for numerical 
computations designed to simplify the implementation of numerical linear algebra routines. They 
provide a convenient command line interface for solving linear and nonlinear problems numerically. 
They are being used to implement numerical algorithms for a wide range of applications. A selection 
of some of the important models pertinent to this study is presented below. 
 
2.3 ASSUMPTIONS 
The objective of this modelling study is to predict potential (equilibrium) reaction products. 
The concentration of these products will be a function of the various equilibrium constants involved 
and will be studied as a function of the extent of reaction (i.e. temperature). 
The following assumptions are made: 
• Equilibrium constants are independent of pressure 
•  Equilibrium constants are function of the experimental environment (temperature, choice and 
concentration of species) 
 
2.4  MODELLING OF PARTIAL OXIDATION OF HEXADECANE 
The products are considered to be only syngas and CO2 as well as methane. For the purpose of 
the numerical modelling the 3 independent reactions have been used, which include the partial 
oxidation of the hexadecane, the water-gas shift and the methanation reactions: 
   K1     (Reaction 4) 
    K2     (Reaction 5) 
    K3     (Reaction 6) 
In addition, the oxygen is assumed to be the decomposition product of hydrogen peroxide 
(hydrogen peroxide is the means by which oxygen is provided to the system). Therefore, its molar 
223416 17168 HCOOHC 
222 HCOOHCO 
OHCHHCO 2423 
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rate is assumed to be equal to half the molar rate of hydrogen peroxide in the experimental work 
depending on the hydrogen peroxide concentration. The decomposition of hydrogen peroxide is 
described by the equation below: 
    K4     (Reaction 7)  
 
In the equations above, K1, K2, K3 and K4 are the equilibrium constant of Reactions 4, 5 6 and 
7. The effects of different temperatures, oxygen to carbon ratios, and water to carbon ratios on the 
syngas yield were investigated. 
 
2.5  VARIATION OF EQUILIBRIUM CONSTANT WITH TEMPERATURE 
By successive integration of the Van’t Hoff equations, and given values of standard enthalpies 
and Gibbs free energies of formation at 298.15 K (or 25 °C) obtained from the Chemical Database 
Service CDS, the chemical equilibrium constants of the three reactions as function of temperatures 
are shown in Figure 2-4. 
 
Species  Initial number of moles  Final number of moles  Mole fractions 
H2O 1  1 − ξ1 – 16 ξ2 + ξ3  (1−ξ1−16ξ2+ξ3)/(1+ξ1+ξ2−ξ3) 
C16H34 0  −ξ2 −ξ2/(1+24ξ2–2ξ3) 
CO2 0  ξ1 ξ1/(1+24ξ2–2ξ3) 
CO 0  −ξ1 + 16 ξ2 − ξ3  (−ξ1+16ξ2−ξ3)/(1+24ξ2–2ξ3) 
H2 0  ξ1 + 25 ξ2 – 3ξ3  ξ1+25ξ2–3ξ3)/(1+24ξ2–2ξ3) 
CH4 0  ξ3 ξ3/(1+24ξ2–2ξ3) 
Total 1 1 + 24 ξ2 – 2 ξ3  
 
 
2222 22 OOHOH 
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Ka,1 =
ξ1(ξ1 + 25 ξ2 − 3ξ3)
(−ξ1 + 16 ξ2 − ξ3) (1 − ξ1 − 16ξ2 + ξ3)
 
Ka,2 =
(−ξ1 + 16 ξ2 − ξ3) (ξ1 + 25 ξ2 − 3ξ3)
ξ2(1 + 25 ξ2 − 2ξ3) (1 − ξ1 − 16 ξ2 + ξ3 ) 
 
Ka,3 =
ξ3(1 − ξ1 − 16 ξ2 + ξ3) (1 + 24 ξ2 − 2 ξ3)
2 
(−ξ1 + 16 ξ2 − ξ3) (ξ1 + 25 ξ2 − 3 ξ3)3 
 
 
The acceptable solution is: 1 − ξ1 – 16 ξ2 + ξ3 ≥ 0, −ξ1 + 16 ξ2 − ξ3 ≥ 0 and ξ1 + 25 ξ2 – 3 ξ3 ≥ 0, i.e.: 
𝛏𝟏 + 𝟏𝟔 𝛏𝟐 – 𝛏𝟑 ≤ 𝟏 
𝟎 ≤ 𝛏𝟑 ≤ −𝛏𝟏 + 𝟏𝟔 𝛏𝟐 
𝟎 ≤ 𝟑 𝛏𝟑 ≤ 𝛏𝟏 + 𝟐𝟓 𝛏𝟐 
 
With the equilibrium constant of the four relevant reactions shown below: 
K1 = 2.56 × exp{1.46×106/8.314*(1/T – 1/298.15)} 
K2 = 1.01 × exp{4.04×104/8.314*(1/T – 1/298.15)} 
K3 = 2.29 × 1022 × exp{1.92×105/8.314*(1/T – 1/298.15)} 
K4 = 8.88 × 1041 × exp{2.05×105/8.314*(1/T – 1/298.15)} 
 
From Figure 2-4 it can be seen that independent Reaction 7 has a very low equilibrium constant 
at high temperatures. Furthermore at temperatures above 400 K these values are below 1. All 
Reactions (4, 5, 6, and 7) are shown in Figure 2-4 from a lowest temperature of 250 K. Therefore it 
can be assumed that the dissociation of hydrogen peroxide within the furnace is a complete/total 
dissociation that is only a forward reaction. Consequently, for a given value of initial concentration 
of hydrogen peroxide and water, Reactions 4 and 5 as well as 6 have been studied through the 
simulators Octave and Matlab. 
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Figure 2-4: Chemical equilibrium constant as a function of temperature for the four independent reactions. 
 
The following conditions were studied: 
 : indicates the initial number of H2O2 moles in the reactant mixture 
 : indicates the initial number of H2O moles (from the H2O2) 
For example, in the case above, there will be (initially) 16 moles of H2O2 in the reactant mixture. If 
the dissociation of 1 mole of H2O2 is assumed to give 0.01 moles of H2O, then the number of initial 
moles of H2O will be 0.01×16 moles. Assuming the initial concentration (C, in %) of H2O2 in the 
reactants is given, the initial concentration of H2O can be obtained via: CH2O = 0.01 C. By varying 
the concentration values of initial hexadecane and hydrogen peroxide, the effects of temperature, 
oxygen to carbon ratio, and water to carbon ratio on the syngas yield were investigated. 
 
2.6  TEMPERATURE EFFECT ON HEXADECANE OXIDATION 
For the  case, and if the initial number of moles of H2O2 is 16, the 
number of initial moles of H2O is 0.01×16 moles, i.e. 0.16 moles of H2O. The results from this 
calculation as a function of reaction temperature are given in Figures 2-5 and 2-6. 
16. 22 OHinitial
222 .*01.0. OHinitialOHinitial 
222 .*01.0 OHinitialOH 
K4 
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Figure 2-5: Effect of temperature on the molar gas composition for H20 = 0.01*initial.H2O2. 
 
 
 
Figure 2-6: Effect of temperature on the gas composition mole fraction for H20 = 0.01*initial.H2O2. 
 
For the  case with an initial number of moles of H2O2 still set to 16, 
the number of initial moles of H2O is 0.1×16 moles, i.e. 1.6 moles of H2O. The results from this 
calculation as a function of reaction temperature are given in Figure 2-7. This is qualitatively similar 
to the previous figures, and shows how syngas is produced at higher temperatures (typically above 
700 K) during the partial oxidation of hexadecane. 
222 .*1.0 OHinitialOH 
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Figure 2-7: Effect of temperature on the gas composition mole fraction for H20 = 0.1*initial.H2O2. 
 
In more detail, from the above figure (i.e. Figures 2-5, 2-6 and 2-7) it can be seen that as the 
temperature is increased the mole fraction of hydrogen increases until it becomes almost constant 
beyond 800 °C. The molar increase of hydrogen causes a decrease in the methane and CO2 mole 
fraction. On the other hand, the CO and H2 mole fractions increase as the temperature increases. As 
the concentration of hydrogen peroxide (H2O2) increases, as shown in Figures 2-5, 2-6 and 2-7, the 
yield of hydrogen increases with the temperature. 
The equilibrium mole fraction profile show that as the temperature of the fluid and reactor 
increase, the yield of hydrogen increases considerably and then becomes constant after 628.58 °C i.e. 
900 K. While an increase in the molar fraction of hydrogen is observed, a decrease in mole fraction 
of methane as well as CO2 fraction is also observed suggesting that methanation reactions do not 
favour high temperature conditions. On the other hand, the CO mole fraction rises as the temperature 
rises. On top of this, it can also be seen that as the hydrogen peroxide concentration increases, the 
yield of hydrogen decreases. The gas equilibrium mole fraction profiles shows that as the reactor 
temperature increases, show with regard to Figures 2-5, 2-6 and 2-7, the hydrogen yield starts at a 
temperature above 226.85 °C i.e. 500 K. 
We conclude that if we were to use hexadecane as a solvent substantial oxidation would occur 
above 600 °C. In our case, this would limit the useful operation to temperatures lower than this.  
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CHAPTER 3 
EXPERIMENTAL METHODOLOGY 
 
In this chapter, we present the various experimental arrangements/apparatuses and methodologies 
used for the investigation of the hydrothermal processing of toluene, which was selected as a model oil 
compound in this work. All of these were developed during the course of the present project. The 
reaction processes allow the production of useful, lighter hydrocarbon products such as benzene, 
benzaldehyde, ethylbenzene, cresols (opm-cresols), styrene, benzyl alcohol, benzoic acid and gas phase 
products, such as carbon oxides and hydrogen; as presented in the results chapters. 
 
3.1 BATCH REACTOR EXPERIMENTS WITHOUT ADDITIVES 
3.1.1 VAPOUR PRESSURE MODELLING 
For any thermal reaction, an increase in vapour pressure within the system is observed therefore 
knowing the vapour pressure constraints or limits are of important. 
The calculation of accurate liquid vapour pressures is vital for the success of many chemical 
engineering design techniques. Numerous equations have been proposed for this purpose. The partial 
vapour pressures of the components of an ideal solution of two volatile liquids are related to the 
composition of the liquid mixture by Raoult's Law which is a law of thermodynamics established by 
French physicist François-Marie Raoult in 1882. It states that the partial vapour pressure of each 
component of an ideal mixture of liquids is equal to the vapour pressure of the pure component 
multiplied by its mole fraction in the mixture: 
 
where 𝑃𝑖 is the partial vapour pressure of the component i in the gaseous mixture (above the solution), 
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𝑃𝑖
∗ is the vapour pressure of the pure component i, and 𝑥𝑖 is the mole fraction of the component i in 
the mixture (in the solution). The total vapour pressure, p, of the mixture is therefore given by: 
 
The resulting expressions (with yA and yB being the gas phase mole fractions of A and B 
respectively) are: 
 
If we make the assumption that the mixture is ideal, we can substitute the expressions for the 
pressures given above into these equations to obtain: 
 
 By combining these, we can obtain the following equation giving the relationship between the 
total vapour pressure and the composition of the vapour: 
 
The analogous expression for yB may be obtained by the substitution yB = 1 – yA. 
Also, the most common liquid-gas phase boundary pressure equations used in the literature are: 
 Wagner 25: 
ln(p/po) x ln(pc/p
o) = Tc/T (A1 + A2×t
1.5 + A3×t
2.5 + A4×t
5); where t = 1 – T/Tc and po = 1 kPa, T 
= reactor temperature, Tc = critical temperature, Pc = critical pressure and Ai = parameters fitted 
to experimental data. 
 Antoine: 
ln(p/po) = A + B/(T + C); where po = 1 kPa, T = reactor temperature, Tc = critical temperature,  
Pc = critical pressure and A, B, C = Antoine coefficients or parameters fitted to experimental 
data that vary from substance to substance. 
 Yaws: 
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lg(p/po) = a + b/T + c.lg(T) + d.T + e/T2; where po = 1 kPa and lg = log10, T = reactor temperature 
and a, b, c and d are parameters fitted to experimental data. 
 DIPPR 115 (Riedel equation): 
ln(p/po) = a + b/T + c.ln(T) + d.T2 + e/T2; where po = 1 kPa, T = reactor temperature and a, b, c 
and d are parameters fitted to experimental data. For water pure, a = -707.93, b/K-1 = 22 783, 
c = 112.17, d.105/T-E = 13.75 and E = 2. 
 DIPPR 101: 
ln(p/po) = a + b/T + c.ln(T) + d.Te; where po = 1 kPa, T = reactor temperature and a, b, c and d 
are parameters fitted to experimental data. 
 Wagner 36: 
ln(p/po) x ln(pc/p
o) = Tc/T (A1 + A2×t
1.5 + A3×t
3 + A4×t
6); where t = 1 – T/Tc and po = 1 kPa, Tc 
= critical temperature, Pc = critical pressure and Ai = parameters fitted to experimental data. 
The Wagner equation is considered by many as the most appropriate model to represent the 
vapour pressure over the full range of temperature used between the triple point and critical 
point. The most widely used form of the Wagner equation is: 
ln(p/po) x ln(pc/p
o) = Tc/T (A1 + A2.t
1.5 + A3.t
3 + A4.t
6); where t = 1 – T/Tc and po = 1 kPa, Tc = 
critical temperature, Pc = critical pressure and Ai = parameters fitted to experimental data. 
 
3.1.2 REACTOR MATERIAL LIMITS 
The 1/2-inch SS316 batch reactor tube (8 mm length, wall thickness 0.098 mm) is shown in 
Figure 3-1, while a schematic representation of the composition of the batch reactor containing a certain 
volume of gas/air and a certain volume of liquid is given in Figure 3-2. 
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Figure 3-1: Drawing and photograph of the 1/2-inch (batch) reactor tube. 
 
 
Vgas = Volume of gas/air 
 
  
Vliquid = Volume of liquid 
Figure 3-2: Schematic representation of the reactor composition. 
 
Knowing the liquid volume X (see Figure 3-2) and the initial pressure inside the reactor, the 
vapour pressure in the reactor was modelled and compared with manufacturer limits to check for 
structural adequacy of the for the batch reactor. In this case we selected those by FTI [101]. Data 
from an FTI product sheet showing the allowable working pressure and temperature are shown in 
Figure 3-3. Nevertheless, beyond manufacturer’s data, we have also performed independent material 
yield strength calculations. Figure 3-4 shows a calculation made for the 1/2-inch stainless steel 
reactor tube yield strength versus temperature based on the so-called Von Mises stresses principle, 
which is explained by Timoshenko [102]. 
 
 
 
Vgas/air                           
 
 
Vliquid 
 
 
 
 
X 
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Figure 3-3: Allowable working pressure versus temperature. 
 
 
Figure 3-4: 1/2-inch stainless steel yield strength versus temperature based on Von Mises stresses principle. 
 
The working conditions should be below the blue lines in Figures 3-3 and 3-4 otherwise the 1/2-
inch stainless steel reactor can expand or even crack. Therefore, from the results in these figures, the 
highest pressure and temperature should be 190 bar at 350 °C. The higher the pressure, the lower the 
temperature at which the reactor can be used. Still, for a more definitive estimate of operation limits the 
pressure increase from the partial oxidation reaction occurring within reactor system should be 
considered. This is because at near or supercritical regions, the heat capacity and volumetric expansion 
 
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
 
Department of Chemical Engineering, Imperial College London 88 
coefficient increase due to the reactions taking place inside the reactor, which leads to an increase in the 
pressure inside the reactor. This is considered in the next section. 
 
3.1.3 REACTOR PRESSURE LIMITS WITH WATER 
The maximum pressure and temperature that can be applied are 390 bar and 537 °C 
respectively (though not simultaneously; see Figure 3-3) according to FTI data, whereas 290 bar and 
400 °C are the pressure and temperature limits according to the yield strength versus temperature plot 
in Figure 3-4. In order to estimate the pressures inside the reactor, the water vapour pressure as a 
function of volume fraction of liquid in the reactor over a range of temperatures has been modelled 
using the Riedel and Antoine equations. 
The results are shown in Figure 3-5. It is observed that, the optimum working range of the 
water liquid volume fraction within the reactor should be less than half of the volume of the reactor. 
Once the volume fraction has exceeded half of the reactor volume, a greater pressure rise might be 
expected, reaching the reactor pressure limit of 390 bar. It is also observed that supercritical 
conditions are reached for reactor temperatures closer to 374 °C. 
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Figure 3-5: Water vapour pressure versus volume fraction of liquid in the reactor as a function of temperature. 
 
3.1.4 VAPOUR PRESSURE WITH INITIAL PRESSURE SET BY ARGON 
A high pressure and temperature system including 1/2-inch reactor was conceived, designed and 
constructed in order to allow a study of the pressure effect in situ with temperature in Figure 3-6. 
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Figure 3-6: In-situ pressure measurement system 
 
The high pressure/temperature measurement system used in the present work comprises: (1) a 
1/2-inch SS316 stainless steel tube with a wall thickness of 0.036 inch (0.91 mm) and 105 mm length; 
(2) a safety relief valve (275 – 350 bar) for emergency situations; (3) on/off valves for allowing argon 
flow into the system and allowing the build-up of the pressure within the 1/2-inch SS316 stainless 
steel tube; and (4) a pressure gauge (0 – 400 bar). 
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As a test, 4 mL of water occupying half of the batch reactor volume were pressurized at different 
initial argon pressures separately with water and different fuel/hydrogen peroxide concentrations. The 
results, summarized in Figure 3-7, indicate that with an initial pressure of 180 bar, the final pressure 
exceeds 220.6 bar and the temperature reaches 374 °C which are the critical conditions. 
 
 
Figure 3-7: Water vapour pressure evolution as a function of temperature at different initial argon pressures. 
 
Finally, based on FTI data, the data from the modelling and tests above of the water vapour 
pressure versus volume fraction of liquid in the reactor as a function of temperature, 1/2-inch SS316 
stainless steel tubes with a wall thickness of 0.036 inch (0.9144 mm) were chosen for the batch reactor 
experiments. The 1/2-inch tubing reactors were constructed of an SS316 tube (105 mm length, 8.5 
mm i.d., 12.7 mm o.d.) and Swagelok connectors (a reducing union and a cap) that are also made of 
SS316. The reducing union was sealed by a 1/16-inch plug (Figure 3-1). 
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The reactor was designed and tested for a maximum temperature of 380 °C and maximum 
pressure of 250 bar. No corrosion products were detected during control experiments at temperatures 
of 374 °C and 380 °C. 
 
3.1.5 TOLUENE/WATER REACTION SYSTEM 
Anhydrous toluene (99.8%) purchased from Sigma-Aldrich was chosen as a model compound 
in the experiment because it serves as a good representation of heavy oils, it has a high boiling point, 
it is aromatic and stable against oxidation. Toluene was chosen over benzene as the latter is 
carcinogenic. Because of the complexity of the gasification products, many parallel and consecutive 
reactions can take place during the process. In order to simplify the experimental, we hypothesized 
that toluene reacts principally with water to produce gases such as hydrogen and carbon monoxide: 
C7H8 + 7 H2O → 7 CO + 11 H2 ,    ΔH (900 °C) = +876 kJ.mol-1 
or hydrogen and carbon dioxide: 
C7H8 + 14 H2O → 7 CO2 + 18 H2 ,    ΔH (900 °C) = +647 kJ.mol-1 
All experiments were carried out in 1/2-inch diameter stainless steel tube reactors; each with a 
volume of 8 mL. Figure 3-8 shows the procedure. 
 
 
Figure 3-8: Batch process set-up. 
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The maximum amount of liquid loaded into the reactors was 4 mL based on the water vapour 
study explained above. Water to toluene ratios by volume of 3:1, 2:1 and 1:1 were employed. The 
reaction was initiated when a number of identical reactors containing the samples were placed into 
an electric heating furnace whose temperature was controlled by a temperature controller. The 
maximum temperature and pressure were restricted to 380 ºC and 220 bar, respectively as determined 
from the calculated allowing working pressure and temperature range of the batch reactor based on 
FTI data and the pressure versus temperature data modelled. 
In order to obtain kinetic data, a single reactor was removed from the furnace and immersed 
into an ice or water bath at 5-min or 10-min intervals. The total reaction time ranged from 5 to 80 min. 
Immersion of the reactor into the water/ice bath quenched any reaction as the temperature of the 
reaction mixture was decreased rapidly. 
The liquid products were collected from the reactor after a few minutes in the water bath. The 
oil phase and the water phase were collected separately by using syringes for GC/MS analysis. 
Specifically, 1 μL of the oil phase was diluted in 5 mL of toluene and then injected into a GC/MS to 
determine the quantities of toluene, benzene and lighter and heavier aromatic products by separation 
on a HP-5 (0.53 mm × 30 m) capillary column (refer to Appendix 1). 
Controlling the amount of water loaded into the reactor controlled water partial pressures at 
constant temperature and reactor volume. An electric furnace was heated to the planned temperature 
and the reactor was then loaded into the furnace. After loading the reactor, the temperature of the 
furnace decreased slightly for a short period, and subsequently started to increase again. This study 
defines zero reaction time as the time when the reactor was loaded. 
 
3.1.6 TOLUENE/H2O2 REACTION SYSTEM 
This reaction system was evaluated in order to understand the extent to which concurrent partial 
oxidation of the toluene might occur using hydrogen peroxide as oxidant in demetallization and 
desulfurization reactions. Toluene partial oxidation was carried out with 3 to 8% aqueous hydrogen 
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peroxide obtained by diluting required quantities of 33% (H2O2) with deionised water. Oxidation was 
performed under various conditions to study the main oxidation products formed. A series of 
experiments were carried out in which the reactor temperature, the H2O2/toluene ratio and the reaction 
time were varied. The maximum loaded amount of liquid into the reactor was 4 mL corresponding to 
3:1, 1:1, and 2:1 ratios. The reactor containing the sample was placed into an electric heating furnace 
(Figure 3-9) whose inner temperature was set by a temperature controller.  
 
 
                                                                                     
Figure 3-9: Interior of the electric furnace used for the batch reactor experiments. 
 
The reaction times ranged from 5 to 80 min and every 5 or 10 min one reactor was removed 
and immersed into an ice or water bath see Table 3-1. This series of experiments was used 
subsequently to estimate kinetic model parameters. All experiments were carried out in a series of 
1/2-inch stainless steel tubular batch reactors as described above. 
 
Capillary column wound 
around holder 
Fan 
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Table 3-1: Experimental matrix for batch reactor experiments. 
H2O2/Toluene Variable Range Constant 
(Steam/Carbon) ratio --- 3:1 
Reaction time (min) 5 – 80 min (in 5 – 10 min steps) --- 
H2O2 concentration (%) 3 – 8 --- 
Toluene (%) --- 99.8 
Temperature (oC) 300 – 380 --- 
Pressure (bar) --- 220 ± 10 
 
3.2 FLOW REACTOR EXPERIMENTS WITHOUT ADDITIVES 
3.2.1  HYDROTHERMAL PARTIAL OXIDATION OF TOLUENE: 
METHODOLOGY AND EQUIPMENT – RIG DESIGN 
A high pressure/temperature flow reactor was conceived, designed and constructed in order to 
allow a study of the effects of temperature, pressure, oxygen to carbon ratio, and water to carbon ratio 
on the hydrothermal partial oxidation of toluene using a high pressure flow system. This work allowed 
us to obtain preliminary information on the main area of investigation; that is, the Hydrothermal 
Conversion of Hydrocarbon Resources (HCHR) and its economic potential for clean production of 
hydrogen and syngas. The piping system of the high-pressure rig is made of stainless steel. It contains 
the following major pieces of equipment (Figure 3-11): 
 2 WATERS 510 HPLC RS Zonator pumps 200: used to pump the water or H2O2 solution   
with a maximum flow rate of 200 mL.mm-1 and maximum pressure of 344 bar. 
 An Elite furnace from Elite Thermal Systems Ltd: used to heat the reaction tubing and control 
the tubing temperature. The system comprises two parts: a heating unit (model: TSV 12/65/250Ni-
22162116) and a furnace. The electrical heating unit can heat the furnace up to 1000 °C. 
 A copper block: made to occupy the annulus between the reaction tubing and the furnace inner 
wall in order to maximize the heat transfer. 
 Filters (1 µm): fitted after the reagent mixing point and in storage tanks to remove particulates. 
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 Three thermocouples: inserted into the system to measure different temperatures of the    
copper block, the reaction tubing, and the pumping lines.  
 Back pressure regulator: for controlling the pressure manually. 
 A safety relief valve (275 – 350 bar): for emergency situations. 
 A phase separator: used to phase separate gas from liquid after condensation.  
 A gas meter: used to confirm the flow of gas leaving the top of the separator. 
 Three on/off valves for allowing argon flow into the mass spectrometer, and allowing the 
collection of the bottom liquid product from the phase separator.  
 Mass spectrometer connected to a computer.  
 Gas Chromatography Mass Spectrometer (GC/MS) analysis device. 
 Pressure gauge (0 – 400 bar). 
 Sampling 4 mL glass vials. 
 Polymeric gloves and standard PPE (lab coats and safety goggles). 
 Stop watch. 
 
The complete experimental set-up is depicted in Figures 3-10 and 3-11. 
 
  
Figure 3-10: Mass spectrometer connection system.  
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Figure 3-11: High-pressure operated flow reactor system. 
 
3.2.2 COPPER BLOCK DESCRIPTION 
The important features of the copper block are shown in Figure 3-12 and Figure 3-13, which 
depicts one half of the block to show internal routing. This figure shows the following key features: 
 Thermocouple groove to measure the block temperature 
 Reactor groove to enclose and guide the s/s reactor tubing 
 Central holes for the screw assembly 
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Figure 3-12: Copper block with holes. 
 
The assembly with the other part of the block is demonstrated in Figure 3-13. 
 
 
Figure 3-13: Cooper heater block features and assembly detail. 
 
This copper block was made to occupy the annulus between the reaction tubing and the furnace 
inner wall in order to maximize the heat transfer in this space. 
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Figure 3-14: Cooper heater block after assembly. 
 
The 1/4-inch reactor tubing is inserted into the copper block via a 1/4-inch hole created to the tube. 
 
The final stage of the copper block and furnace assembly is shown in Figure 3-16, also with an 
overall line diagram of the rig. 
 
        
Figure 3-15: Assembly steps of the copper block (left) and furnace and furnace with copper block assembly (right). 
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Figure 3-16: Main experimental layout of flow reactor system when operating with liquid-phase reactants driven HPLC pumps.
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3.2.3  GENERAL PROCESS DESCRIPTION 
As shown in the flow diagram in Figure 3-16, both reactants are pumped using P-1 and P-2 and 
they mix in M-1 and flow together to the reactor R-1 after being filtered by a micron filter (F-1). R-1 
is a stainless steel tubing (ID = 6.35 mm, L = 450 mm) inserted into a copper block which is inserted 
inside a radiant heating furnace. The purpose of the copper block is to maximise heat transfer to the 
reactor by conduction and its temperature, hence, is monitored using a thermocouple connected to the 
furnace control unit. While the temperature of copper should be the same as the reactor wall 
temperature, the temperature of the fluid leaving the reactor is not due to the exothermic nature of the 
reaction. For this reason, a sensitive thermocouple (D = 1/8 inch), is inserted into the reactor outlet, 
to measure the fluid outlet temperature which will enable conducting a full material and energy 
balance on the process. 
The fluids are pumped at approximately 25 – 30 °C, as the heating is set at 2 – 3 kW, and they 
mix at a T-junction and flow together to the thermal reactor (R-1). The fluid leaving the reactor (R-
1) is a liquid vapour mixture which is condensed using cold water which is contained in a thermo 
flask acting as the cooling trap (C-1). The condensed fluid and non-condensable gases flow to the 
phase separator (V-1) where they are separated by gravity. The fluid samples are collected in small 
vials. Most of the gas flowing through the gas meter is vented, while a small part of it proceeds into 
an online mass spectrometer. The process pressure is controlled manually using a back pressure 
regulator (BPR) installed after the cooling trap. A pressure relief valve (PRV) is installed before the 
BPR, which automatically opens when the pressure reaches a value of > 275 bar in order to release 
excess pressure and maintain the overall safety of the process. 
H2O2 solution was always maintained in excess to prevent hydrate formation. Fuel (e.g. toluene) 
is pumped first to confirm that it flows smoothly as its viscosity creates pumping challenges especially 
at high pressures. It took about 3 min to allow fuel to flow through the system. Then, H2O2 is pumped 
and after about 2 min it was found that an emulsified mixture of oil and water was collected from the 
phase separator. The heating furnace is started and its temperature is set to 30 °C (slightly higher than 
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normal room temperature). The temperature is raised gradually until a desired reaction temperature 
is reached. Gradual increase is needed to minimize temperature overshooting and maintain an 
efficient temperature control. In addition, it is necessary to allow the operating temperature to 
stabilize and match the set temperature. A temperature higher than 484 °C is avoided as it could lead 
to a furnace wall temperature exceeding 600 °C, which can melt the copper block. The pressure is 
raised gradually until reaching a desired value. 
Once the targeted temperature and pressure are achieved in the process, a sample of the product 
is collected after an interval time of 3 – 5 min. The readings taken at each sample are the set point 
temperature (TSP), the furnace wall temperature (Tf), the temperature of copper block (Tb), the 
temperature of fluid leaving the reactor (Tout), and the operating pressure (P). Samples are labelled, 
sealed, and may be kept in a fridge until they are analysed. After all desired samples are obtained at 
the desired conditions, the system was shut down by gradually reducing pressure until the BPR is 
fully open. The furnace is shut down and the toluene pump is stopped. The water pump continues to 
pump water through the system in order to cool down the reactor and furnace. 
 
3.2.4 HIGH PRESSURE MODIFICATIONS 
The above reactor configuration was modified for a second set of experiments to allow for high-
pressure air addition. Air is introduced into the hydrothermal/partial oxidation reactor in addition to 
water and toluene by using a Rix microboost compressor (Figure 3-17) in order to investigate the effects 
of its reactivity. In addition to the air compressor the following components were added: 
 Compressed gas cylinder (tank) with the details: Faber, 12 L, 300 bar, 178 mm long cylinder, 
basic Din M25 cylinder valve, 5/8 inch Din 
 Din adaptor to 1/4 inch BSP 300 bar, charging outlet 
 Pressure gauge (0 – 400 bar) measuring the air pressure going to/coming out from the cylinder 
 Electronic mass flow controller measuring the air flow rate going into the reactor 
 On/off valves controlling air flowrate 
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 A safety relief valve (275 – 350 bar): for emergency situations 
 One way check valve allowing air or the mixture (air/toluene/water or air/toluene/hydrogen 
peroxide) to flow in the direction of the flow only not back flow 
 
 
Figure 3-17: Micro boost air compressor from Rix Industries (USA). 
 
A schematic of the flow rig designed, constructed and used in the present work is given in 
Figure 3-19, while Figure 3-18 shows a complete flow diagram of the same apparatus. 
 
 
Figure 3-18: High-pressure and temperature flow reactor system with incorporated air compressor. 
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Figure 3-19: Modified experimental layout of flow reactor system with air-compressor.
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The procedure of this experiment is basically the same as the above experiments apart from the 
air addition. First of all, the high-pressure tank is filled with air via the compressor. The tank filling 
is stopped once the desired air pressure within the tank is reached. 
 Air is first pumped into the system followed by a calibration check. After the airflow has been 
stabilized and a desired flow rate is reached, the furnace is turned on and the heat is gradually raised 
to a desired temperature (200 – 450 °C) in 30 – 50 °C increments. Water is pumped into the system 
followed by toluene only when water is observed at the phase separator. The operating conditions 
and temperature readings for different samples are shown in Tables 3-7 and Tables 3-8. 
 
3.2.5 SAMPLING AND GC/MS ANALYSIS 
3.2.5.1 SAMPLE PREPARATION 
The GC/MS analysis was performed for data Acquisition Method. The GC/MS used is Varian 
STAR 3400 CX Gas Chromatography, equipped with a column (30 m x 0.32 mm) operated with a helium 
gas carrier gas at 11.5 psi, providing 1 mL/min. The GC is connected to a mass spectrometer (Varian 
SATURN 2000 GC/MS/MS) through a heated transfer line at (300 oC) in split mode. The GC oven is 
programmed to raise the temperature by (5/2 oC/min) to (100 oC), followed by (10/5 oC/min) to (320 oC) 
which was held for (10 min). The mass spectrometer (MS) was operated with a mass range of (40 - 650 
m/z). The air-water level is checked for leakage and its ratio should be 19/18 (<20%) for to confirm the 
absence of any leakage. The electron multiplier is checked and uits value should be around 2350 V for 
10 - 5 gain and 2400 V for the final gain giving a delay time of around 3 minutes which bypass the 
solvent peak. Based on the integrated areas of different peaks quantification of produced species is 
carried. The GC/MS response factor was reported to be within 0.98-1 (Watanabe et al., [54]). 
The collected oil/water mixture samples are left at room temperature for 1 - 2 days until they 
completely separate into two phases. The oil phase, the top phase, is separated from the water phase 
simply based on density difference, and it is poured into a separate via being prepared for GC/MS 
analysis. For the oil phase GC/MS analysis, 1 droplets of the separated oil are dissolved in 5 mL of 
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Acetone and prepared for GC/MS injection using a 1 µL SGE syringe. The syringe is flushed with 
Chloroform three times to dissolve any contaminants prior to the sample injection.  
 
3.2.5.2 DATA ACQUISITION METHOD 
A mass spectrometer was connected to the gas production line to allow for some gas flow for 
online gas analysis. The liquid product was sampled in small (4 mL) glass vials at desirable conditions 
for GC/MS analysis while the rest was disposed of in designated containers. The final temperature of 
the GC/MS was set to 300 °C, which is higher than the boiling point of toluene (110.6 oC) at 
atmospheric pressure. 
 
3.2.5.3 CALIBRATION 
In order to quantify products identified via the GC/MS, calibration of the GC/MS is carried. 
This is achieved by the injection of known concentrations of hexadecane and toluene, the main 
reactant, and obtaining the area under the curve, calculated automatically by the GC/MS. For every 
concentration, three samples are injected in order to obtain the standard deviation of the calculated 
area and to maintain the results accuracy. The response is assumed to be approximately equal to that 
of toluene.  
 
3.2.6 PROCESS SHUT DOWN 
Shutting down is done by gradually reducing the system pressure, which is monitored by the 
pressure gauge. The BPR is fully opened. Decreasing the pressure gradually minimizes backflow and 
maintains the overall system stability. The oil pump is then stopped, and the furnace temperature is 
reduced gradually to 20 °C and switched off. The water pump continues to pump water through the 
system in order to cool down the reactor and furnace. 
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3.2.7 OPERATIONAL CHALLENGES AND TROUBLESHOOTING 
The formation of deposits was encountered when the flowrate of toluene was much higher than 
the flowrate of the H2O2 solution. These deposits accumulated specifically in the cooling trap. This 
resulted in blockage of the system and tripping of both pumps as a result of pressure build-up. The 
system was disconnected and air was blown through the blocked pipe thoroughly until all the deposits 
were removed. This problem was resolved by maintaining the H2O2 solution in excess as mentioned 
in the experimental section. In addition, pumping of toluene was started when the reaction target 
temperature was reached ≥ 300 °C, in order to prevent deposits formation in the reactor as a result of 
overheating of toluene. 
 
3.3 OPERATING CONDITIONS FOR REACTIONS WITHOUT ADDITIVES 
3.3.1 BATCH REACTOR WITHOUT AIR 
The batch reactor was half loaded with 3 mL of deionized water or H2O2 and 1 mL of the 
hydrocarbon i.e. 98% of toluene obtained from Sigma-Aldrich. The operating conditions and 
temperature readings for different runs are shown in Tables 3-2 and 3-3. 
 
Table 3-2: Operating conditions and temperature readings for two different sets of runs with water. 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(wt. %) 
1 300 300 360 
1 1 
230 
0 2 310 310 380 220-230 
3 320 320 398 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(wt. %) 
4 350 350 400 
1 1 
230 
0 5 370 370 492 220-230 
6 380 380 473 210 
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Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(wt. %) 
1 300 300 391 
2 1 
230 
0 2 310 310 407 220-230 
3 320 320 383 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(wt. %) 
4 350 350 430 
2 1 
230 
0 5 370 370 511 220-230 
6 380 380 434 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(wt. %) 
1 300 300 375 
3 1 
230 
0 2 310 310 428 220-230 
3 320 320 401 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(wt. %) 
4 350 350 450 
3 1 
230 
0 5 370 370 528 220-230 
6 380 380 488 210 
 
In these tables, the following variables are reported: Tsp = temperature of the oven red from the 
temperature reading unit of the oven, Tb = temperature of the batch reactor inside the oven which is 
assumed to be the temperature of the oven red from the temperature reading unit and Tf = fluid 
temperature red from the sensitive thermocouple inserted on top of the 1/2-inch reactor tubing. The 
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conditions investigated with hydrogen peroxide are shown in the set of tables below. 
 
Table 3-3: Example operating conditions with typical temperature readings for two different sets of runs with H2O2 
(in this example for 8 wt. % H2O2; 3 – 8 wt. % H2O2 was investigated in this work, see Table 3-1). 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
1 350 350 400 
0 1 
230 
1 mL 2 370 370 431 220-230 
3 380 380 485 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
4 350 350 500 
0 1 
230 
1 mL 5 370 370 588 220-230 
6 380 380 521 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
1 350 350 378 
0 1 
230 
2 mL 2 370 370 432 220-230 
3 380 380 512 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
4 350 350 502 
0 1 
230 
2 mL 5 370 370 577 220-230 
6 380 380 600 210 
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Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
1 350 350 413 
0 1 
230 
3 mL 2 370 370 455 220-230 
3 380 380 500 210 
 
Sample 
TSP 
(oC) 
Tb 
(oC) 
Tf 
(oC) 
H2O 
(mL) 
Toluene 
(mL) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
4 350 350 550 
0 1 
230 
3 mL 5 370 370 628 220-230 
6 380 380 588 210 
 
3.3.2 FLOW REACTOR WITHOUT AIR 
Then, the furnace is turned on and the temperature is gradually raised to a desired temperature 
(300 – 380 oC) at 50 °C increment of temperature. Once the temperature is stable at a desired 
temperature, the spiked toluene with sulphur or nickel or even dibenzothiophene is pumped into the 
reactor at a pre-set flowrate (1 – 3 mL.min-1) depending on the desired water to carbon ratio. Once oil 
is observed from the outlet product from the phase separator, the pressure is raised through the BPR. 
The pressure gauges and the pressure indicator in the oil pump screen monitor the pressure values. It 
took no more than 1 min for the BPR to reach 60 bar due to the pressure build up within the system. 
Pressure fluctuations are observed due to flow and vaporization of reactants, as well as the change in 
partial pressures by consumption of reactants and formation of products. Once the pressure is 
maintained at a desired range values, it takes 3 to 5 min to reach a steady state. 
A liquid sample is collected in 4 mL glass vial for analysis. The readings taken at each sample 
are the set point temperature (Tsp), the temperature of copper block (Tb), the temperature of fluid 
leaving the reactor (Tout), and the operating pressure (P). Samples are labelled, sealed and kept in the 
fridge until they are analysed. After all desired samples are obtained at the desired conditions, the 
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system was shut down by gradually reducing pressure until the BPR is fully open. When the furnace 
temperature reaches 20 °C, pumps be stopped but water was kept running.  
 
3.3.2.1 TOLUENE/WATER REACTION SYSTEM 
0 wt. % H2O2 (De-Ionised Water) 
Before pumping, the backpressure regulator was checked to be fully open and the temperature 
of the warmed pumping line was checked to be 25 °C. First pumping of toluene was started using 
HPLC pump. Deionized water (0% H2O2) was pumped using HPLC pump. The furnace was turned 
on and its temperature was raised gradually up to the desired levels. A selection of the operating 
conditions and temperature readings for this experiment are shown in Table 3-4.  
 
Table 3-4: Operating (inlet to the flow reactor) conditions for different runs with water only, no H2O2. 
Sample 
TSP 
(oC) 
Tb 
(oC) 
H2O 
(mL.min-1) 
Toluene flowrate 
(mL.min-1) 
Pressure 
(bar) 
H2O2 
(wt. %) 
1 300 300 
1, 2 and 3 1 
230 
0 
2 310 310 220-230 
3 320 320 210 
4 350 400 230 
5 370 450 220-230 
6 380 475 210 
 
The pressure was monitored through the pressure gauge indicator (up to 690 bar) due to its high 
sensitivity and accuracy. The safety relief valve (275 – 350 bar) and the backpressure regulator 
maintain the system pressure to be below the safety range 275 – 350 bar although the maximum 
allowable pressure for the pumps is 517 bar. 
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3.3.2.2 TOLUENE/H2O2 REACTION SYSTEM 
3 wt. % H2O2 
The procedure of this experiment is basically the same as for the experiments above. 3 wt. % 
H2O2 obtained from Sigma-Aldrich was used for partial oxidation in this experiment. The toluene 
used is ≥ 99% anhydrous, again from Sigma-Aldrich. To avoid overpressure operation, the pressure 
was monitored using the pressure indicator in the ISCO syringe pump that responds much faster than 
the pressure gauge. This maintained a smooth operation and well as pressure control. The operating 
conditions and temperature readings for this experiment are shown in Table 3-5. The gas was 
analysed online using a mass spectrometer tracing different molecular weights being set. 
 
Table 3-5: Operating (inlet to the flow reactor) conditions for different runs with H2O2 (wt. 3%). 
Sample 
TSP 
(oC) 
Tb 
(oC) 
O2 
(mol.min-1) 
Toluene flowrate 
 (mL.min-1) 
Pressure 
(bar) 
H2O2 
(wt.3 %) 
1 300 305 
0.0057 1 
180 
1, 2 and 3 
mL.min-1 
2 310 310 200 
3 320 320 225-240 
4 350 350 220 
5 370 370 210 
6 380 380 220 
 
5 wt. % H2O2 
5 wt. % H2O2 was prepared by mixing 431 mL of deionized water with 69 mL H2O2 33 wt. %. 
99% toluene from Sigma-Aldrich. The previous procedure was repeated. The operating conditions 
and temperature readings for different samples are shown in Table 3-6. The gas was analysed online 
using a mass spectrometer tracing different molecular weights being set. It was observed that the 
pressure rises much more rapidly than before once the BPR starts to close. 
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Table 3-6: Operating (inlet to the flow reactor) conditions for different runs H2O2 (wt. 5%). 
Sample 
TSP 
(°C) 
Tb 
(°C) 
H2O 
(mL.min-1) 
Air 
(mL.min-1) 
Toluene 
(mL.min-1) 
Pressure 
(bar) 
H2O2 
(5 wt. %) 
1 300 300 
0 0  1 
200-225 
1, 2 and 3 
mL.min-1 
2 320 320 200-220 
3 350 350 205-208 
4 370 370 205-208 
5 380 380 205-208 
 
7 wt. % H2O2 and 8 wt. % H2O2 
7 wt. % H2O2 and also 8 wt. % H2O2 were prepared by mixing their required mL of deionized 
water with their required mL 33 wt. % of H2O2. The preparation and procedure were as stated 
previously. It was also observed that the pressure rises much more rapidly than before once the BPR 
starts to close. The results from this series of tests are shown below. 
 
Table 3-7: Operating (inlet to the flow reactor) conditions for different runs with 7% H2O2. 
Sample 
TSP 
(°C) 
Tb 
(°C) 
H2O 
(mL.min-1) 
Air 
(mL.min-1) 
Toluene 
(mL.min-1) 
Pressure 
(bar) 
H2O2 
(7 wt. %) 
1 300 300 
0 0 1 
200-225 
1, 2 and 3 
mL.min-1 
2 320 320 200-220 
3 350 350 205-208 
4 370 370 205-208 
5 380 380 205-208 
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Table 3-8: Operating (inlet to the flow reactor) conditions for different runs with 8% H2O2. 
Sample 
TSP 
(°C) 
Tb 
(°C) 
H2O 
(mL.min-1) 
Air 
(mL.min-1) 
Toluene 
(mL.min-1) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
1 300 300 
0 0 1 
200-225 
1, 2 and 3 
mL.min-1 
2 320 320 200-220 
3 350 350 205-208 
4 370 370 205-208 
5 380 380 205-208 
 
3.3.3 FLOW REACTOR WITH AIR (TOLUENE/H2O/H2O2/AIR REACTION 
SYSTEM) 
A flowrate of 1 mL.min-1 of air was added to the mixture of toluene/H2O or toluene/H2O2 
separately. The operating conditions with H2O are summarized in Table 3-9. 
 
Table 3-9: Operating (inlet to the flow reactor) conditions for different runs with H2O only (no H2O2). 
Sample 
TSP 
(°C) 
Tb 
(°C) 
H2O 
(mL.min-1) 
Air 
(mL.min-1) 
Toluene 
(mL.min-1) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
1 300 300 
1, 2 and 3 1 1 
200-225 
0 
mL.min-1 
2 320 320 200-220 
3 350 350 205-208 
4 370 370 205-208 
5 380 380 205-208 
 
The gas was analyzed online using a mass spectrometer tracing different molecular weights 
being set. The runs conditions with H2O2 are summarized in Table 3-10. 
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Table 3-10: Operating (inlet to the flow reactor) conditions for different runs with the only tested H2O2 (wt. 8%). 
Sample 
TSP 
(°C) 
Tb 
(°C) 
H2O 
(mL.min-1) 
Air 
(mL.min-1) 
Toluene 
(mL.min-1) 
Pressure 
(bar) 
H2O2 
(8 wt. %) 
1 300 300 
0 1 1 
200-225 
1, 2 and 3 
mL.min-1 
2 320 320 200-220 
3 350 350 205-208 
4 370 370 205-208 
5 380 380 205-208 
 
Throughout this thesis the effects (and concentrations) of water/steam (H2O), hydrogen peroxide 
(H2O2) and toluene (C7H8) are described in terms of the volume flow-rate ratios given above, however 
these can readily be converted to molar ratios. For instance: 
(1) Water/Steam – Toluene: The case whereby 1 mL.min-1 of H2O (molecular weight = 18 g/mol; 
liquid density = 1.00 g/L; or, 18/1 = 18 L/mol) is reacting with 1 mL.min-1 of C7H8 (molecular 
weight = 92 g/mol; liquid density = 0.86 g/L; or, 92/0.86 = 110 L/mol), the molar fraction of 
H2O is given by the expression (1/18) / (1/18 + 1/110) = 0.86 and the molar fraction of C7H8 is 
1 – 0.86 = 0.14. 
(2) Hydrogen Peroxide – Toluene: The case whereby 1 mL.min-1 of H2O2 (molecular weight = 34 
g/mol; liquid density = 1.00 g/L; or, 34/1 = 20 L/mol) is reacting with 1 mL.min-1 of C7H8 
(molecular weight = 92 g/mol; liquid density = 0.86 g/L; or, 92/0.86 = 110 L/mol), the molar 
fraction of H2O is given by the expression (1/34) / (1/34 + 1/110) = 0.76 and the molar fraction 
of C7H8 is 1 – 0.76 = 0.24. 
 
Based on these relations, similarly, other molar ratios can be evaluated for each one of the flow-rate 
ratios given in the tables above. 
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3.3.4 OPERATING TEMPERATURES IN THE FLOW REACTOR 
Two attempts were made to gain some insight into the temperature distribution within the flow 
reactor, since this was not accessible during the experimental campaigns. One involved the solution 
of the one-dimensional Fourier equation in the solid, with the following assumptions: 
 Temperature of copper block (Tb) ≤ Furnace wall temperature (Tf) 
 Temperature of the mixture before entering into the reactor is 25 °C 
 
For instance when Tb = 398 °C and Tf = 400 °C, the predicted temperature profile in the reactor 
is shown in Figure 3-20 where the temperature within the reactor is not included. It can be observed 
that, the temperature increases along the reactor from 25 °C to a temperature close to the furnace wall 
temperature (Tf) 400 °C. 
In addition, a short CFD effort was made to solve the Fourier equation (below) in three-
dimensions. The results from this effort are shown in Figure 3-21 below, and agree well with the 
predictions from the 1-D analytical solution presented earlier. 
 
 
Figure 3-20: Temperature distribution along the reactor. 
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Figure 3-21: CFD modelling of the reactor tubing. 
 
3.4 EXPERIMENTS WITH SULPHUR AND METAL PROPHYRINS 
Nickel porphyrine, vanadium porphyrine and dibenzohiophene were purchased from Sigma-
Aldrich and were used without further purification. These compounds were chosen as representative 
model compounds and were added to toluene to simulate their respective content in heavy oil. The 
specifications of the compounds are summarized in Table 3-11. 
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Table 3-11: Metals conditions. 
2,3,7,8,12,13,17,18-Octaethyl-
21H, 23H-porphine nickel (II) 
(Ni-TPP) 
5,10,15,20-Tetraphenyl-21H, 
23H-porphine vanadium (IV) 
oxide 
(V-TPP) 
DIBENZOTHIOPHENE 
(DBT) 
Product Number: 252204 
CAS Number: 14172-92-0 
MDL: MFCD00010727 
Formula: C44H28N4Ni 
Formula Weight: 671.41 g.mol-1 
Appearance (Colour) Light 
Purple to Very Dark Purple 
Appearance (Form) Conforms 
to Requirements 
Powder, Crystals or Crystalline 
Powder 
Infrared spectrum conforms to 
structure 
Wavelength 409 - 415 nm 
Extinction Coefficient > 200000 
Carbon 74.8 - 82.6% 
Nitrogen 7.9 - 8.8% 
Purity (HPLC) > 95.0% 
Product Number: 283649 
CAS Number: 14705-63-6 
Formula: C44H28N4OV 
Formula Weight: 679.66 g.mol-1 
Infrared spectrum Conforms to 
Structure 
Wavelength 409 - 415 nm 
Extinction Coefficient > 200000 
Carbon 74.8 - 82.6% 
Nitrogen 7.9 - 8.8% 
Purity (HPLC) > 99.0% 
 
CAS Number: 132-65-0 
MDL: MFCD00004969 
Formula: C12H8S 
Formula Weight: 184.26 
g.mol-1 
Appearance (Colour) White to 
Yellow 
Appearance (Form) Crystals 
Infrared spectrum conforms to 
structure 
Carbon 77.4 - 79.0% 
Purity (GC) > 99.0% 
 
3.4.1 BATCH REACTOR 
The previous reactor conditions and the water to toluene ratios were employed as before but 
the toluene was doped with one of the above compounds to evaluate the kinetics of metal and sulphur 
removal, respectively. Firstly, a study was carried out to find the maximum amount of metal that can 
be added to a mixture of 3 mL of water and 1 mL toluene in order to have total dissolution without 
residual, i.e. saturation of the toluene with the metal compounds. 
According to Table 3-12 below, from 0.05 wt % to 1.95 weight % of nickel tetraphenylporphine 
(Ni-TPP) dissolved in the mixture of 3 mL of distilled water and 1 mL of toluene, total dissolution was 
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observed in the presence of supercritical water at temperature ranges of 374 – 380 °C. Partial dissolution 
was observed when the wt. % is higher than 1.95 wt. %. Therefore, in order to keep the initial 
concentration of dopants the same in this study, 1.95 wt. % dissolved separately into 3 mL of distilled 
water and 1 mL of toluene was selected as the initial concentration of all dopant compounds (Ni-TPP, 
vanadium tetraphenylporphine/V-TPP and dibenzothiophene/DBT). 
 
Table 3-12: Maximum dissolution tests to identify the initial concentration of metals to be tested. 
Sample 
Weight 
(%) 
Ni-TPP 
Dissolution 
V-TPP 
Dissolution 
(Sulphur) 
DBT 
Dissolution 
Toluene 
(mL) 
Air 
(mL) 
H2O 
(mL) 
1 0.05 yes yes yes 
1 0 3 
2 0.8 yes yes yes 
3 1.0 yes yes yes 
4 1.8 yes yes yes 
5 1.95 yes yes yes 
6 2.0 no yes yes 
 
3.4.2  FLOW REACTOR 
In this process, doped toluene with 1.975 wt% of Ni-TTP, V-TPP and DBT was pumped 
separately with water and H2O2 at a volumetric flow rate of 2.5 mL.min
-1 at 220 bar at temperature 
ranging from 300 °C to 380 °C. The volumetric flowrates of both pumps are adjusted according to 
the desired feed molar ratio (3:1), and residence time of 1 min. 
First the water pump is started and uniform water flow is established throughout the system. 
Then, the furnace is turned on and the temperature is gradually raised to a desired temperature (300 
– 380 °C) at 50 °C increment of temperature. Once the temperature is stable at a desired temperature, 
the spiked toluene is pumped into the reactor at a pre-set flowrate (1 – 3 mL.min-1) depending on the 
desired water to carbon ratio. Once oil is observed from the outlet product from the phase separator, 
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the pressure is raised through the BPR. The pressure gauges and the pressure indicator in the oil pump 
screen monitor the pressure values. It took no more than 1 min for the BPR to reach 60 bar due to the 
pressure build up within the system. Pressure fluctuations are observed due to flow and vaporization 
of reactants, as well as the change in partial pressures by consumption of reactants and formation of 
products. Once the pressure is maintained at a desired range values, it takes 3 to 5 min to reach steady 
state. 
A liquid sample is collected in 4 mL glass vial for analysis. The readings taken at each sample 
are the set point temperature (Tsp), the temperature of copper block (Tb), the temperature of fluid 
leaving the reactor (Tout), and the operating pressure (P). Samples are labelled, sealed and kept in the 
fridge until they are analyzed. After all desired samples are obtained at the desired conditions, the 
system was shut down by gradually reducing pressure until the BPR is fully open. When the furnace 
temperature reaches 20 °C, pumps are stopped. 
 
3.4.3  SULPHUR, NICKEL, VANADIUM REMOVAL QUANTIFICATION 
Nickel-5, 10, 15, 20-tetraphenylporphine (Ni-TPP) and vanadium-5, 10, 15, 20-
tetraphenylporphine (V-TPP) as well as dibenzothiophene (DBT) purchased from Sigma-Aldrich 
were used without further treatments as model compounds because they were representative of the 
porphyrinic species found in crude oils. Hexane (purity: 99 %) and toluene (purity: 99 %) were also 
purchased from Sigma-Aldrich and used without further treatment. 
The conversion of a model compound ‘comp’ (e.g. Ni-TPP, V-TPP, or DBT) is defined as:  
Conversion (%) =  
𝑊o,comp − 𝑊comp
𝑊o,comp
×  100 
where 𝑊o,comp= weight of compound loaded (i.e. at time zero) and 𝑊comp = weight of compound 
remaining after a reaction time t. 
In addition, the yield of a product ‘i’ is defined as: 
Yield (%) =  
𝑊i,t
𝑊o,react
× 100 
where 𝑊i,t = weight of product ‘i’ at time t and 𝑊o,react = weight of initial reactant relevant to ‘i’. 
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Similar definitions are used throughout for Ni, V, S and toluene and its products. 
 
3.4.4  CHEMICAL KINETICS MODELLING 
The kinetics of Ni, V or S removal was modelled as an n-th order process with respect to the 
key reactant. This means that other reactants, namely water, H2O2 and/or air are considered to be in 
excess and thus their concentrations stay constant: 
𝑟𝑁𝑖,𝑉,𝑆 = 𝑘1𝐶𝑁𝑖,𝑉,𝑆
𝑛  
Once a steady-state operation is reached (> 5 min) collection of product starts. At steady-state 
and without mass transfer limitations, the solution for an n-th order rate equation with respect to one 
key reactant can be expressed in a plug flow reactor as: 
1
𝑛 − 1
[
1
𝐶𝐴𝑝
𝑛−1 − 
1
𝐶𝐴𝑓
𝑛−1] = 𝑘 (
1
𝐿𝐻𝑆𝑉
) 
which corresponds to a homogenous perfectly mixed system working continuously and after steady-
state conditions are reached, and where 𝐶𝐴𝑓= metal content in the feed, and 𝐶𝐴𝑝= metal content in the 
product at different space-velocity respectively. Here, LHSV is Liquid Hourly Space Velocity. 
The simplified model equation above can be written for vanadium, 
1
𝑛 − 1
[
1
𝐶𝑉𝑝
𝑛−1 − 
1
𝐶𝑉𝑓
𝑛−1] =  𝑘 (
1
𝐿𝐻𝑆𝑉
) 
for nickel, 
1
𝑛 − 1
[
1
𝐶𝑁𝑖𝑝
𝑛−1 − 
1
𝐶𝑁𝑖𝑓
𝑛−1] = 𝑘 (
1
𝐿𝐻𝑆𝑉
) 
and for the sulphur-containing dibenzothiophene (DBT), 
1
𝑛 − 1
[
1
𝐶𝑆𝑝
𝑛−1 − 
1
𝐶𝑆𝑓
𝑛−1] =  𝑘 (
1
𝐿𝐻𝑆𝑉
) 
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CHAPTER 4 
EXPERIMENTAL RESULTS (1): 
TOLUENE/WATER AND TOLUENE/H2O2 
REACTION SYSTEMS WITHOUT METALS 
 
In this chapter we present results from an experimental study to understand the effects of key 
operating parameters such as temperature, pressure, oxygen to carbon (O/C) ratio, and water/steam 
to carbon (S/C) ratio on the sub- and supercritical hydrothermal partial oxidation of toluene using 
both high pressure flow and batch reaction systems. The experiments discussed in this chapter are 
intended to simulate the hydrothermal partial oxidation of hydrocarbons in deep wells. Beyond these 
operating parameters, the hydrothermal processing of toluene is investigated over a range of 
reaction/residence times. The hydrothermal processing allows the production of useful, lighter 
hydrocarbon products such as benzene, benzaldehyde, ethylbenzene, cresols (opm-cresols), styrene, 
benzyl alcohol, benzoic acid and carbon oxides, as well as hydrogen or syngas. This work provides 
preliminary information on the main area of investigation; that is, Hydrothermal Conversion of 
Hydrocarbon Resources (HCHR) and its economic potential for clean production of valuable, 
upgraded oil products, including light hydrocarbons, hydrogen and syngas. 
 
4.1 BATCH REACTOR EXPERIMENTS 
4.1.1 TOLUENE/WATER REACTION SYSTEM 
The toluene/water reaction tests were performed over a temperature range of 300 – 380 °C and 
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at a H2O/C7H8 ratio of 1:1, 2:1 and 3:1. The complex reaction process consists of many parallel and 
consecutive reactions. Nevertheless, the simplified chemical reactions involve toluene reacting 
principally with water to produce hydrogen and carbon monoxide, 
C7H8 + 7 H2O → 7 CO + 11 H2 , ΔH (900 °C) = 876 kJ.mol-1   (30) 
or hydrogen and carbon dioxide, 
C7H8 + 14 H2O → 7 CO2 + 18 H2 , ΔH (900 °C) = 647 kJ.mol-1   (31) 
The water-gas shift and the methanation reactions take place simultaneously to those above: 
CO + H2O ↔ CO2 + H2 ,  ΔH (900 °C) = -33 kJ.mol-1   (32) 
CH4 + H2O → CO + 3 H2 ,  ΔH (900 °C) = 206.11 kJ.mol-1  (33) 
In addition, other reactions have to be considered during steam reforming, such as carbon 
formation reactions by toluene decomposition and by CO dismutation (Boudouard). The Boudouard 
reaction, which is the principal carbon formation reaction in biomass gasification, is 
thermodynamically favoured below 650 °C is C + CO2 ↔ 2 CO. 
In this work it was observed that all two-phase mixtures obtained were colourless at low 
pressure, irrespective of the temperature of the reaction. 
 
4.1.1.1 GC/MS ANALYSIS OF LIQUID PRODUCTS 
At lower temperatures and for times up to 92.6 min, the GC/MS results from these experiments 
showed no product peaks except for the toluene. This due to the high molecular stability of toluene, 
which requires a temperature of at least 600 °C before the reforming reactions can take place. The 
presence of a catalyst may be required if a reaction is to take place at lower temperatures. At higher 
temperatures, within 3 min, the results show a number of peaks that indicate the presence of various 
cracking products (see Figure 4-1 for up to 92.6 min). 
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Figure 4-1: GC/MS chromatograph plot showing products of water/toluene. 
 
The occurrence of the peaks was repeatable for a fixed residence (reaction) time. Higher 
reaction temperatures gave rise to larger peaks. The peaks were identified using spectral mass data 
and also after calibrating with reference compounds using the GC/MS system. The mass spectral data 
were matched with mass spectra of known hydrocarbons in the literature and close agreement was 
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found. The results indicate the presence of: benzaldehyde, ethylbenzene, cresols, styrene, benzyl 
alcohol, benzoic acid and benzene observed either with H2O or with peroxide, in the products liquid 
phase. The toluene peak was generally the most significant, after those of ethylbenzene product peaks. 
This is due to the relatively low conversion achieved. This could be either due to the low oxygen 
concentration in the reaction or the dilution of the product. 
Calibration of the GC/MS enabled quantification of the concentrations of the different 
compounds present in the product samples. According to the decomposition products of toluene 
reported in various references, several species were expected to appear: methane (CH4), carbon 
monoxide (CO), carbon dioxide (CO2), hydrogen (H2), ethane (C2H6), ethylene (C2H4), benzene 
(C6H6), phenol (C6H6O), naphthalene (C10H8) and styrene (C8H8). At normal reforming condition 
between 150 °C and 225 °C, the toluene reforming reaction (Equation 31) is irreversible, whereas 
the methane reforming reaction (Equation 33) and the water-gas shift conversion reaction (Equation 
32) approach equilibrium. A large H2O/C7H8 molar ratio induces the equilibrium for Equations 32 
and 33 to be shifted towards H2 production. With the temperature increasing, the H2 content slightly 
decreases and then increases again when the H2O/C7H8 molar ratio is higher than 1. One possible 
explanation is that during high temperature operation, Equation 32 takes place in the hydrogen (H2) 
and carbon dioxide (CO2), conversion direction, because the increasing of temperature would favour 
the shift of the reaction in the endothermic direction. During the high temperature operation 
conditions, CO content increases whereas those of CO2 decreases. 
Carbon formation was not taken into account in the carbon balance equilibrium calculations. 
Consequently, toluene conversion, denoted by 𝑋𝑐 , is the ratio of the carbon present in toluene 
converted into carbon containing gas products (CO, CO2, CH4) and into the liquid phase C6H6, 
benzaldehyde, ethylbenzene, cresols (opm-cresols), styrene, benzyl alcohol, benzoic acid, 
𝑋𝑐(%) =
(𝐶𝑂)out + (𝐶𝑂2)out + (𝐶𝐻4)out + (𝐶6𝐻6)out
7(𝑇)in
 ×  100 
where (T)in is the initial molar concentration of toluene and (i)out denotes the molar concentration of 
product i obtained, with i = CO, CO2, CH4, or C6H6. 
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4.1.1.2 EFFECT OF TEMPERATURE ON LIQUID PRODUCTS AND GAS COMPOSITION 
The data in Figure 4-1 indicate that, at the chosen operating conditions, the reactant toluene 
can in fact be converted. The molar fractions of the main products of this conversion at different 
temperatures are presented in Figure 4-2. The temperature does affect the molar fractions of the 
products in both the gas and liquid phases. 
 
 
 
Figure 4-2: Effect of temperature on liquid products and gas compositions. a, b, c, d. 
 
The gas composition analysis (see Figure 4-2a) indicates that the molar fractions of H2 and CO 
increase, while those of CH4 and CO2 decrease with increasing temperature. The molar fraction of H2 
is about 65% at the highest temperature. This is promoted by the water-gas shift (WGS) reaction 
while sacrificing CO (see Equation 32), since the WGS reaction (that favours the formation of H2 at 
relatively low temperatures) takes place along with toluene steam reforming. 
Liquid product results can be seen in Figure 4-2b and Figure 4-2c. As the temperature 
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increases from 300 °C to 380 °C, the proportion of toluene decreases as the liquid products, i.e. 
benzaldehyde, ethylbenzene, cresols (opm-cresols), styrene, benzyl alcohol, and benzoic acid, are 
formed. At 380 °C and for a 3:1 H2O/toluene ratio, the toluene conversion reaches almost 91%. 
 
4.1.1.3 EFFECT OF RESIDENCE TIME ON LIQUID PRODUCTS AND GAS COMPOSITION 
The effect of the H2O/toluene ratio on the toluene conversion, together with the yields of the 
main gaseous and liquid products is shown in Figure 4-3. It can be noted that as the H2O/toluene 
ratio and operating temperature increase, the CO2 and CH4 fractions decrease, while that of CO and 
H2 increase. One possible explanation for the observation is that high temperature favours the shift 
of the reactions towards the endothermic direction. The same argument applies to the observation that 
CO increases while CO2 decreases with increasing of temperature. 
 
 
 
Figure 4-3: Effects of temperature and H2O/toluene (S/C) ratio on gas composition. 
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The steam to carbon (S/C) ratio and temperature significantly affect methane steam reforming. 
When this ratio is increased and at temperatures higher than 374 °C, a very small amount of CH4 is 
produced. The changes to the content of these gases with the S/C ratio and temperature can be 
understood by the reactions involved in toluene steam reforming governed by Equations 34 to 37: 
C7H8 + 7 H2O → 7 CO + 11 H2, ΔΗ (900 °C) = 876 kJ.mol-1    (34) 
or hydrogen and carbon dioxide, 
C7H8 + 14 H2O → 7 CO + 18 H2,  ΔΗ (900 °C) = 647 kJ.mol-1    (35) 
The WGS and methanation reactions take place simultaneously to those above: 
CO + H2O ↔ CO2 + H2,  ΔΗ (900 °C) = -33 kJ.mol-1   (36) 
CH4 + H2O → CO + 3 H2,  ΔΗ (900 °C) = 206.11 kJ.mol-1   (37) 
Dry reforming: 
C7H8 + 7 CO2 → 14 CO + 4 H2,  ΔΗ (900 °C) = 876 kJ.mol-1   (38) 
Hydrodealkylation: 
C7H8 + H2 → C6H6 + CH4,   ΔΗ (900 °C) = 647 kJ.mol-1    (39) 
 
Methane steam reforming is significantly affected by the S/C ratio. The water-gas shift reaction 
produces H2 and CO2 at high values of S/C ratios, while at a S/C ratio of 1, a low CO2 yield is 
produced and the H2 yield decreases. The water-gas shift reaction where less H2 and CO2 are 
generated and more CO is produced, can explain the increase in the CO yield when the S/C ratio 
decreases. At the very low S/C ratio of 1, toluene steam reforming and dry reforming reactions can 
be affected and less CO and H2 are generated. The total gas yields represented versus time at different 
S/C ratios achieve the highest values of total gas yields at higher S/C ratio. Thus, a decrease of H2, 
CO, CO2 and total gas yields is observed for lower S/C ratios. 
Experiments over a varying reaction time have also been performed. Figure 4-4 shows that as 
the residence time increases, the toluene conversion also increases. This increase leads to an increase 
in the yield of the main liquid products, which are benzaldehyde, ethylbenzene, cresols (opm-cresols), 
styrene, benzyl alcohol, benzoic acid and the molar fraction of the gas composition. 
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Figure 4-4: Effect of H2O/toluene (S/C) ratio on the conversion of toluene to various products as a function of reaction 
time at 380 °C. 
 
4.1.2 TOLUENE/H2O2 REACTION SYSTEM 
4.1.2.1 EFFECT OF H2O2 CONCENTRATION 
It is well known that high temperature is beneficial to the decomposition of hydrogen peroxide. 
From this point of view, it would be expected that the decomposition of hydrogen peroxide would 
play a crucial role in the pathways for toluene oxidation. Figure 4-5 shows the effect of the amount 
of hydrogen peroxide used on toluene oxidation. It can be observed that side-chain oxidation is 
dominating in this reaction system. Further increase of H2O2 concentration causes further oxidation 
of benzaldehyde to benzoic acid. It seems that the H2O2 concentration has a significant effect on 
toluene conversion and benzaldehyde yield. As the H2O2 concentration is increased, the yields of 
oxidized products from side-chain oxidation also increase. 
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Figure 4-5: Chromatogram plot of the H2O2/toluene reaction after 35 min (reaction time) at different H2O2 
concentrations (3%/black, 4%/blue and 5%/pink). 
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4.1.2.2 EFFECT OF REACTION TIME 
Figure 4-6 shows the conversion of toluene and the yields of the liquid products as a function of 
reaction time, for the reaction system with hydrogen peroxide (H2O2). The consumption of H2O2 is 
caused competitively by its self-decomposition and the oxidation of toluene. Therefore, a necessary 
prerequisite for the effective use of H2O2 in this system is to inhibit its self-decomposition. In order to 
probe the effect of instantaneous concentration of H2O2 on the above-mentioned two competitive 
reactions, the same amount of H2O2 (5% concentration) has been added into the reaction system for 
different residence times. It was also observed from chromatographs such as those in Figure 4-5 (not 
shown here) that benzaldehyde and benzyl alcohol form almost immediately, but benzoic acid and 
benzyl acetate form after an extended period of time. It seems that both benzoic acid and cresols could 
be formed via secondary reactions. This implies that benzoic acid might be formed from the oxidation 
of benzaldehyde. It could be that the oxidant O2 from the decomposition of H2O2 is active for the 
oxidation of benzaldehyde to benzoic acid, and benzoic acid might originate from the primarily formed 
benzaldehyde. It can be observed that the yields of the main products as well as the other products are 
dependent on residence time. The yields of benzyl alcohol and cresols increase with reaction time. The 
low yield of benzyl alcohol observed could be explained by the fact that the benzyl alcohol is oxidized 
to benzaldehyde which is shown by its higher yield. 
To confirm that benzoic acid might be formed from the oxidation of benzaldehyde, a control 
experiment in which benzaldehyde could be directly used as starting material could be carried out 
whether benzoic acid could be obtained with 100% selectivity. The yield of benzaldehyde increases 
with reaction time within the initial 80 min whereas its selectivity will increases with time to reach a 
maximum and then decreases. It can be observed that the yields of the main products, that is, 
benzaldehyde and benzoic acid, as well as the conversion of toluene, all increase monotonically,  
reaching their largest values at the maximum residence time of 80 min. The yields of benzyl alcohol 
and benzyl acetate remain almost constant. A control experiment could be carried out under the same 
reaction conditions, where benzyl alcohol and benzyl acetate instead of toluene are used as substrate 
separately. If no conversion of benzyl acetate is observed when it is used as reaction feed, while 
benzyl alcohol is oxidized to benzaldehyde and benzyl acetate, the latter being the main product. That 
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is to say, the esterification of benzyl alcohol has priority over its further oxidation and protects it from 
being further oxidized. From the results mentioned above, it can be concluded that benzoic acid may 
form from the oxidation of benzaldehyde, but benzyl alcohol may not be the main intermediate for 
benzaldehyde formation because the amount of benzaldehyde formed increases with those of benzyl 
acetate. Thus, benzaldehyde may form via a direct route other than via the benzyl alcohol intermediate 
under the present reaction conditions. 
The partial oxidation of toluene gives rise to benzaldehyde, benzyl alcohol, benzyl acetate, 
benzoic acid, and other oxidized products. The results show that the observed side-chain oxidation is 
the main reaction. With increasing amount of oxygen used, a maximum yield of benzaldehyde is 
observed. As the concentration of H2O2 varies from 3% to 8%, the yield of benzaldehyde keeps 
increasing as well as those of cresols, benzoic acid, and ethylbenzene. Styrene is being also detected 
upon further increase in hydrogen peroxide concentration. The conversion and yield results are shown 
in Figure 4-6. First the yield of benzaldehyde increases with reaction time, then decreases. 
 
 
Figure 4-6: Toluene conversion and reaction product yields with H2O2 as a function of reaction time. 
 
Figure 4-6 shows time courses of the reaction. Because of the preferential formation of 
unidentified products as detected by GC, the sum of yields was almost zero at the early stage of the 
reaction i.e. low conversion. As the reaction proceeded, the amount of unidentified products decreased 
and oxidation products were produced. Compounds such as benzyl alcohol and benzoic acid have low 
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conversion compared with benzaldehyde. Consequently, benzaldehyde was observed at the early stage 
of reaction while benzyl alcohol and benzoic acid were not. 
 
4.1.2.3 EFFECT OF HYDROGEN PEROXIDE TO TOLUENE RATIO 
In order to consider the reaction in more detail (in the absence of a catalyst) under both sub-
critical and supercritical water conditions, a range of experiments spanning a range of conditions 
close to critical (Pc = 220 bar, Tc = 374 °C) were performed with a varying hydrogen peroxide content 
were performed. A series of experimental results show that the effect of pressure on the reaction is 
small, so this section focuses on the effect of reaction temperature and time, and hydrogen peroxide 
addition on the toluene oxidation to benzaldehyde, which is the main product under the conditions 
employed. 
Figure 4-7 shows the effect of the hydrogen peroxide amount on the yield of benzaldehyde. 
Different ratios of H2O2 to toluene were selected for the study, namely 1:1, 2:1, and 3:1 by 
maintaining other reaction parameters constant. The best yield can be obtained at the ratio equal to 
3:1. When the temperature is 380 °C, the yield of benzaldehyde reaches 16.9% for H2O2 concentration 
of 5% with 5 min residence time. At ratios higher than 3:1, the conversion decreases. Higher amount 
of water in H2O2 may be the retarding factor at ratios higher than 3:1. Competitive reaction with H2O 
may be taking place and the reduced availability of oxidizing species explains the enhanced 
benzaldehyde selectivity at higher toluene to H2O2 ratios. 
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Figure 4-7: Effect of hydrogen peroxide to toluene ratio on yield of benzaldehyde for 5% H2O2 after 5 min. 
 
The results in Figure 4-7 effectively indicate the role of hydrogen peroxide on toluene oxidation. 
It can be observed from Figure 4-7 that the yield of benzaldehyde increases with hydrogen peroxide to 
toluene ratio and temperature when the temperature rises to 380 °C, and then the yield of benzaldehyde 
starts to decrease. The side-chain oxidation is dominating in this reaction system. The yield of 
benzaldehyde reaches a maximum and further increase of H2O2 causes further oxidation of 
benzaldehyde to benzoic acid. The consumption of hydrogen peroxide is caused competitively by its 
self-decomposition and the oxidation of toluene. Therefore, an effective use of hydrogen peroxide in 
this system is to inhibit its self-decomposition. It is likely that instantaneous H2O2 concentration has 
prodigious influence on toluene oxidation in this hydrogen peroxide/toluene system. At higher H2O2 
concentrations, the yields of oxidized products from side-chain oxidation increase. 
 
4.1.2.4 OPTIMISATION OF LIQUID PRODUCT YIELDS 
Higher temperatures are generally considered beneficial to the side-chain oxidation of toluene. The 
yields of side-chain oxidation products were investigated over the temperature range from 300 to 380 °C. 
The results are shown in Figure 4-8. It was found that these generally increase with elevated temperature 
(along with the conversion of toluene; see Figure 4-2). It is worthy of note that the temperature effect 
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from 300 to 380 °C for the yield of benzaldehyde is non-monotonic depending on the reaction time, and 
in fact it seems that temperature has a significant effect on toluene conversion and benzaldehyde yield at 
lower temperatures for all reaction times. At the longest reactions times, an optimal yield of benzaldehyde 
was obtained at temperatures from about 330 °C to 380 °C (water supercritical conditions). Higher 
temperatures (than 380 °C) were not tested due to concerns that a further increase in temperature will 
cause expansion of the reactor tubing. 
The decomposition of H2O2 at higher temperatures could be a factor that enhances the effective 
participation of oxidizing species in the reaction. The amount of benzaldehyde increases with increasing 
temperature due to the decrease availability of oxidizing species (intermediates) for further oxidation 
which will increase the conversion. 
 
     
 
Figure 4-8: Top: Effect of temperature on yield of benzaldehyde; H2O2/toluene ratio 3:1. Bottom: Effect of reaction 
time on yield of benzaldehyde; H2O2/toluene ratio 3:1. 
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4.1.2.5 EFFECT OF TEMPERATURE ON GAS PHASE PRODUCTS 
As shown in Figure 4-9, increasing the reaction temperature increases the gas yield of H2 and 
CO, whereas the gas yield of CO2 and CH4 decreases. It can be seen from Figure 4-9 that when the 
temperature is increased from 374 °C to 380 °C, there is a dramatic jump in CO conversion, increasing 
from 20% to 40% when toluene reacts with 8% H2O2. Once the temperature is greater than 376 °C 
however, the variation in the gas yield of the three gases becomes less noticeable at lower H2O2 
concentration. For instance, the values of CO conversion at 6% H2O2 between 376 °C to 380 °C increase 
10% to 14% respectively whereas CO2 decreases from 4% to 2.5%. On the other hand, when examining 
the distributions of H2 and CO concentrations shown in Figure 4-9, it is worth noting that the 
concentration of H2 is always slightly higher than that of CO. 
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Figure 4-9: Effect of temperature on gas compositions obtained at H2O2/C7H8 ratio 3:1 at different H2O2 concentrations 
(shown at the top-left in each figure: 8%, 6% and 2% H2O2). 
 
4.2 FLOW REACTOR EXPERIMENTS 
4.2.1 TOLUENE/WATER REACTION SYSTEM 
4.2.1.1 EFFECT OF TEMPERATURE ON LIQUID PRODUCTS  
The effect of temperature and reaction time on toluene conversion has also been investigated in 
the temperature range of 300 – 380 °C with zero conversion set at the starting point. As reaction time 
and temperature increase, the toluene conversion increases as shown in Figure 4-10. It can be seen 
clearly that the reaction temperature has a significant effect on toluene conversion, with higher 
temperature being associated with higher conversions. A value of 90% toluene conversion is obtained 
at the maximum temperature 380 °C. This is quite substantial taking into account the rather short 
residence time in the reactor. It is noted that the system in Figure 4-10 has not fully reached steady 
state, however, the effect of temperature is not expected be significantly different at long times. 
However, if toluene is used as model oil for demetallation and desulphurization work, then this high 
conversion is less desirable. For such reactions it is probably more sensible to operate at lower 
temperatures to avoid toluene decomposition. 
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Figure 4-10: Toluene conversion for water-toluene mixture over a range of time-on-stream values. 
 
 
4.2.2 TOLUENE/H2O2 REACTION SYSTEM 
4.2.2.1 EFFECT OF H2O2 CONCENTRATION 
The three plots in Figure 4-11 (which continues overleaf) show the conversion of toluene achieved 
with 4, 5, and 8% H2O2 in the feed as a function of time-on-stream. These experiments were aimed at 
understanding the potential of introducing H2O2 into the reaction system. 
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Figure 4-11: Toluene conversion as a function of temperature over a range of time-on-stream values. 
 
In this case, it is clear that the reactor has reached steady state operation. From these plots it is 
possible to conclude that H2O2 increases the conversion of toluene and productivity with respect to all 
products. As expected, increasing the concentration of H2O2 increases the oxygen concentration in the 
reaction mixture and increases the yield of oxygenated products, as expected. 
 
4.3 SUMMARY OF RESULTS 
In this chapter, experimental results have been presented, in which the upgrading of a 
toluene/water mixture was evaluated as a model oil/water system for subsequent heteroatom removal 
strategies. Reactions were carried out in batch and continuous flow reactors without a catalyst. The 
main conclusions obtained are summarized below: 
(1) Toluene conversion increases significantly with temperature and S/C molar ratio, conditions 
that would be favourable if oil/toluene conversion were required to produce a high yield of 
products (gases and liquids). 
(2) The yields of the major liquid products, benzaldehyde, ethylbenzene, cresols (ortho, meta and 
para), styrene, benzyl alcohol, benzoic acid increase with temperature and H2O/toluene ratio. 
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
 
Department of Chemical Engineering, Imperial College London 141 
A longer residence time increases this yield further. The effective conversion of toluene into 
liquid and gaseous products reaches almost 91 wt. % at 380 °C at a H2O/toluene ratio of 3:1 
after a residence time of 25 min. 
(3) H2 increases with the increasing residence time and the yield of CH4 is small. The CO content 
increases up to 65% around 380 °C whereas the molar fraction of CO2 decreases.  
In this chapter experiments have also been reported in which the toluene/H2O2/water system 
was employed as model oil in batch and continuous flow reactors without any catalyst. The main 
conclusions obtained are summarized below: 
(1) Toluene conversion increases with temperature and residence time, this can be further enhanced 
by an increase in H2O2 concentration (increased oxygenation power). 
(2) The yield of the major liquid products benzaldehyde, ethylbenzene, cresols (ortho meta para), 
styrene, benzyl alcohol, benzoic acid increase with temperature and H2O2/toluene ratio. The 
efficiency of toluene conversion into products reaches almost 16.9% at 380 °C at H2O2/toluene 
ratio equals to 3:1 with 5% H2O2 in 5 min residence time. 
(3) H2 increases with the increasing H2O2 concentration and furthermore, the yield of CH4 is small. The 
CO content increases up to 40% from 6% to 8% H2O2 around 380 °C whereas CO2 content 
decreases. The conversion efficiency of toluene converted into liquid and gas products increases 
with temperature. This increase is even accentuated with increase in H2O2/toluene ratio. 
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CHAPTER 5 
EXPERIMENTAL RESULTS (2): 
TOLUENE/WATER AND TOLUENE/H2O2 
REACTION SYSTEMS WITH METALS/SULPHUR 
 
5.1 BATCH REACTOR EXPERIMENTS 
Figures 5-1 indicates qualitatively the very different visual appearance of samples at different 
reaction times and temperatures. The particular samples shown are, from left-to-right, for a reaction 
system without additives, sulphur and vanadium respectively. In this section we will study in detail the 
results generated from all batch reactions systems in the presence of additives (metals or sulphur). 
 
 
Figure 5-1: Typical samples observed at different reaction times and temperatures. 
 
5.1.1 NICKEL REMOVAL FROM TOLUENE/WATER/NICKEL-5, 10, 15, 20-
TETRAPHENYLPORPHINE (NI-TPP) REACTION SYSTEM 
5.1.1.1 EFFECT OF TEMPERATURE AND RESIDENCE TIME ON TOLUENE CONVERSION 
Figure 5-2 (overleaf) shows overall nickel balance at temperatures of 370 – 380 °C. Nickel 
removal was shown to be low at low reaction times but increased with time. The nickel removal rate 
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was higher at a temperature of 380 °C and the value reached 69% after a reaction time of 90 min. It 
can also be observed that the total the yield of total nickel in Ni-TPP decreases with residence time 
whereas the nickel removal increases with time. 
 
 
 
Figure 5-2: Nickel removal as a function of reaction time and at different temperatures (as shown in the legend). 
 
5.1.1.2 EFFECT OF TEMPERATURE AND REACTION TIME ON NICKEL REMOVAL 
Several runs were performed in the supercritical water (SCW) regime to investigate the effects 
of temperature and residence time in a toluene environment. Temperature appears to have no 
significant effect on overall conversion in supercritical regions as well as hydrothermal region. The 
error margin of the acquired data was less than 2%. 
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Ni-TPP conversion as a function of reaction time at different temperatures is shown in Figure 5-
3. A continuous increase in Ni-TPP conversion was observed over reaction times of 30 – 90 min. At a 
reaction time of 90 min and a temperature of 380 °C, the conversion was almost 93%. 
 
 
Figure 5-3: Nickel removal from toluene (conversion) using hydrothermal (subcritical) and supercritical water at 
different temperatures (indicated in the legend) as a function of reaction time. 
 
5.1.2 NICKEL REMOVAL FROM TOLUENE/H2O2/NICKEL-5, 10, 15, 20-
TETRAPHENYLPORPHINE (NI-TPP) REACTION SYSTEM  
5.1.2.1 EFFECT OF TEMPERATURE 
Three sets of experiments were carried out to explore the temperature effect at temperatures of 
370 °C, 374 °C and 380 °C and under 7% H2O2. Figure 5-4 shows that Ni-TPP conversion increased 
with reaction time and that high temperature affected a capability of high conversion. After 80 min 
reaction time at temperature of 380 °C, the conversion was 90%. It was also seen that nickel removal 
was low at low reaction time, but increased with time. A higher nickel removal rate of 92% was found 
at a temperature of 380 °C after 80 min of reaction time. Photographs of typical samples resulting 
from this set of experiments can be seen in Figure 5-5. 
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Figure 5-4: Toluene conversion or nickel removal function of time. 
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Figure 5-5: Collected samples. 
 
5.1.3 VANADIUM REMOVAL FROM TOLUENE/WATER/VANADIUM-5, 10, 15, 
20-TETRAPHENYLPORPHINE (V-TPP) REACTION SYSTEM  
5.1.3.1 EFFECT OF TEMPERATURE AND RESIDENCE TIME 
To explore the role of temperature on vanadium removal, three sets of experiments were carried 
out at temperatures of 370 °C (subcritical), 374 °C and 380 °C (supercritical). The results from this 
effort are shown in Figure 5-6.  
 
 
Figure 5-6: Conversion of V-TPP as a function of reaction time at 3 different temperatures (indicated in the legend). 
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No products were observed at shorter reaction time. Because water molecules enter into the 
undissolved V-TPP molecules, thus reducing its solubility in toluene, unreacted V-TPP was detected 
at short reaction time and therefore, collection of data for shorter reaction times was not done. Two 
steps of operation at high temperature and longer reaction times were taken to overcome this problem. 
Figure 5-6 demonstrates the high capability of V-TPP conversion, which increases with reaction time 
and high temperature. The reaction data were explored up to a reaction time of 90 min and approximately 
91% V-TPP was converted to intermediate and final products at a temperature of 380 °C. 
 
5.1.4 VANADIUM REMOVAL FROM TOLUENE/H2O2/VANADIUM-5, 10, 15, 20-
TETRAPHENYLPORPHINE (V-TPP) REACTION SYSTEM  
5.1.4.1 EFFECT OF HYDROGEN PEROXIDE CONCENTRATION 
Vanadium removal as a function of H2O2 concentration is displayed in Figure 5-7. The removal 
increased almost exponentially with conversion at all temperatures and that approximately 92% vanadium 
was removed at the highest conversion level. Detectable deposits on the reactor were not observed by eye. 
But, colourless tiny particles were observed on the body of the separating funnel after separating water 
phase and samples. It was probably inorganic vanadium that was not dissolved in the toluene, xylene and 
water. No precipitated phase was observed after completion of reaction.  
 
 
Figure 5-7: Vanadium removal as a function of H2O2 concentration at different temperatures after 20 min reaction time. 
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5.1.4.2 YIELD OF PRODUCTS AS A FUNCTION OF RESIDENCE TIME AND 
TEMPERATURE 
The yield of products as a function of residence time and temperature is shown in Figure 5-8. 
The yield of the major cresols which are products initially increased and then diminished slowly after 
reaching a maximum value at 380 °C as depicted in Figure 5-8 whereas the yield of benzaldehyde 
decreases with increase in residence time.  
 
 
 
Figure 5-8: Yield of products as of reaction time and temperature with 4 % H2O2 concentration. 
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5.1.5 SULPHUR REMOVAL FROM TOLUENE/WATER/DBT REACTION SYSTEM  
5.1.5.1 EFFECT OF REACTION TIME 
DBT was used as model sulphur compound due to its resistance to hydrodesulphurisation process. 
Reactions were carried out at between 380 °C. At this temperature, reactions were performed at reaction 
times from 5 to 90 min and the results of sulphur removal are shown in Figure 5-9. 
From the results showing the sulphur removal as a function of residence, it could be observed 
that, the efficiency of sulphur removal is improved by increasing the residence time in Figure 5-9. A 
sulphur removal higher than 45% was observed when molar proportion for H2O: toluene of 3:1 was 
used in 90 min. For higher values of residence time, the removal was increased. This increase could be 
explained probably by the better dilution of aqueous phase composed by toluene and water with the 
increase of residence time, increasing the efficiency of this mixture for the oxidation process. 
 
 
Figure 5-9: Effect of reaction time on sulphur conversion with H2O:toluene molar ratio 3:1. 
 
5.1.5.2 EFFECT OF TEMPERATURE  
The effect of temperature on the reaction was evaluated from 300 to 380 °C. Figures 5-10 
present the temperature effect on sulphur removal from a sulphur free petroleum product feedstock 
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toluene enriched with DBT used as model sulphur compound. The temperature significantly affected 
toluene conversion. In the range of temperature tested, it was found that increasing the temperature 
from 300 °C to 380 °C, increased the conversion. 
 
 
Figure 5-10: Effect of temperature on sulphur removal with H2O:toluene ratio 3:1. 
 
5.1.6 SULPHUR REMOVAL FROM TOLUENE/H2O2/DBT REACTION SYSTEM  
5.1.6.1 EFFECT OF H2O2 CONCENTRATION 
Results for sulphur removal when using different H2O2 concentrations at a fixed S/C (molar) ratio 
of 3:1 at 380 °C and after 80 min are shown in Figure 5-11. An increase on sulphur removal is observed 
when the H2O2 concentration is increased in relation to the initial sulphur content in the oil. When H2O2 
was not used in the mixture (see earlier Section 5.1.5) the sulphur removal was only about 35%. A slight 
increase in the amount of H2O2 allowed for significantly improved removal. At the higher H2O2 
concentrations the removal efficiency plateaued at a high value, with a removal of up to 97% observed 
when 7% (w/w) H2O2 was employed. Increasing the H2O2 concentration beyond this will probably only 
lead to a higher conversion of toluene as the initial concentration of sulphur in the system was 1 wt-%, 
which is similar to the 1.2 wt-% H2O2 required for complete sulphur removal. This is an interesting 
observation and suggests a stoichiometric relationship. At this point it is not clear what the follow on 
products are from the DBT conversion process and whether they partition into the water or gas phases. 
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Figure 5-11: Effect of H2O2 concentration on sulphur removal at 380 ○C and after 80 min of reaction time. 
 
5.1.6.2 EFFECT OF TEMPERATURE AND RESIDENCE TIME ON SULPHUR REMOVAL 
Results in Figure 5-12 show that at higher temperatures (380 °C) sulphur removal was above 90% 
after 80 min of reaction time for the evaluated samples when 8% H2O2 was used. By comparison, only 
45% of sulphur removal was observed in the absence of H2O2 at the same conditions/time. 
 
 
Figure 5-12: Effect of temperature of the reaction on sulphur removal from toluene enriched with DBT after different 
reaction times and at different temperatures, with 8% H2O2 concentration. 
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5.1.6.3 GC/MS OF LIQUID PRODUCTS ANALYSIS 
The three subplots in Figure 5-13 (which continue overleaf) display the evolution of the 
conversion of toluene as well as the major primary products, cresols, benzaldehyde, ethylbenzene and 
acid benzoic acid versus residence time for an equivalence ratio of 3:1 and for a temperature equal to 
380 °C. It can be observed that, most of the products yield increases with residence time whereas those 
of toluene decreases with residence time. 
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Figure 5-13: Toluene conversion and its major products. 
 
5.2 FLOW REACTOR EXPERIMENTS 
5.2.1 NICKEL REMOVAL FROM TOLUENE/WATER/NICKEL-5, 10, 15, 20-
TETRAPHENYLPORPHINE (NI-TPP) REACTION SYSTEM 
5.2.1.1 EFFECT OF TEMPERATURE AND RESIDENCE TIME ON TOLUENE CONVERSION 
Several runs were performed in both sub- and supercritical water region to investigate the 
effects of temperatures and residence time in a toluene environment. Temperature appears to have no 
significant effect on overall conversion in supercritical regions as well as hydrothermal region. The 
error margin of the acquired data was less than 2%. 
A plot showing the conversion of toluene as a function of reaction time at different temperatures 
can be seen in Figure 5-14. A continuous increase in Ni-TPP conversion was observed over reaction 
times of 10 – 60 min. At a reaction time of 60 min and a temperature of 380 °C, the conversion was 
almost 90%. This is a very promising finding. 
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Figure 5-14: Conversion of toluene as a function of residence time at different temperatures. 
 
5.2.1.2 EFFECT OF TEMPERATURE AND RESIDENCE TIME ON NICKEL REMOVAL 
A plot of conversion of Ni-TPP removal as a function of reaction time at different temperatures 
is shown in Figures 5-15. A continuous increase in Ni-TPP removal was observed over reaction times 
of 10 – 60 min. At a reaction time of 90 min and a temperature of 380 °C, the conversion was almost 
80%. This high level of Ni removal is very significant. 
 
 
Figure 5-15: Nickel removal function of residence time at different temperatures. 
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5.2.1.3 YIELD OF LIQUID PRODUCTS ANALYSIS FROM TOLUENE/WATER/NICKEL-
5, 10, 15, 20 TETRAOHENYLPORPHINE (NI-TPP) REACTION SYSTEM 
Figure 5-16 shows that the yield of the liquid products gradually increases with residence time 
at 380 °C and 220 bar up to 60 min and then decreases before stabilizing, while the yield of cresols 
continues to increase with residence time. A yield of 45% is obtained for cresols after a residence 
time of 60 min, compared to 21% for styrene. Furthermore, the conversion was almost 80% after 60 
min. This high level of Ni removal is very significant. 
 
 
Figure 5-16: Yield of products with reaction time and temperature in water system at 220 bar and 380 ○C. 
 
5.2.2 NICKEL REMOVAL FROM TOLUENE/H2O2/NICKEL-5, 10, 15, 20-
TETRAPHENYLPORPHINE (NI-TPP) REACTION SYSTEM  
5.2.2.1 EFFECT OF TEMPERATURE AND RESIDENCE TIME 
Sets of experiments were carried out to explore the temperature and residence time effect under 
7% H2O2. Figures 5-17 and 5-18 show that Ni-TPP removal and toluene conversion increase with 
reaction time and high temperature affects the system’s capability for nickel conversion. The nickel 
removal increased gradually with reaction time. After 90 min of reaction time at 380 °C, the nickel 
conversion reached its highest values. A maximum nickel removal of up to 94% was reached after 90 
min of reaction time, while a toluene conversion of up to 92% was attained after 30 min. 
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Figure 5-17: Effect of 7% H2O2 on nickel removal as a function of residence time and temperature. 
 
 
Figure 5-18: Effect of 7% H2O2 on toluene conversion as a function of residence time and temperature. 
 
5.2.2.2 EFFECT OF HYDROGEN PEROXIDE CONCENTRATION 
The degree of nickel removal after 20 min of residence time as a function of H2O2 concentration 
is displayed in Figure 5-19. Nickel removal increases sharply at low concentrations of H2O2 and then 
reaches a plateau in the range of 70 – 90%. At the higher temperature of 380 °C a nickel removal of 
up to 90% is attained, from H2O2 concentrations as low as 3 – 4%. 
0
10
20
30
40
50
60
70
80
90
100
0 20 40 60 80
N
i-
T
P
P
 r
e
m
o
v
a
l,
 %
Residence time, min
340 oC
350 oC
360 oC
370 oC
374 oC
380 oC
0
10
20
30
40
50
60
70
80
90
100
0 20 40 60 80
T
o
lu
e
n
e
 c
o
n
v
e
rs
io
n
, %
Residence time, min
380 oC
374 oC
370 oC
360 oC
350 oC
340 oC
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
 
Department of Chemical Engineering, Imperial College London 157 
 
Figure 5-19: Nickel removal as a function of H2O2 concentration after 20 min residence time. 
 
5.2.2.3 YIELD OF LIQUID PRODUCTS ANALYSIS 
It can be seen in Figure 5-20 that the toluene conversion and main liquid product yields generally 
increased with residence time. The yields of cresols and benzoic acid reached (respectively) 62% and 59% 
at the longest residence time; these were the greatest of all desired products. 
 
 
Figure 5-20: Yield of products with reaction time and temperature in 7% H2O2 system at 220 bar and 380 ○C. 
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5.2.3 VANADIUM REMOVAL FROM TOLUENE/WATER/VANADIUM-5, 10, 15, 
20-TETRAPHENYLPORPHINE (V-TPP) REACTION SYSTEM  
5.2.3.1 EFFECT OF TEMPERATURE AND RESIDENCE TIME 
To explore the temperature effect, three sets of experiments were carried out at temperatures of 
370 °C, 374 °C and 380 °C. No products were observed at shorter reaction time. Because water 
molecules enter into the undissolved V-TPP molecules, thus reducing its solubility in toluene, 
unreacted V-TPP was detected at short reaction time and therefore, collection of data for shorter 
reaction times was not done. 
Figure 5-21 illustrates the high capability of toluene conversion that increases with reaction time 
and temperature. The reaction data were explored up to a reaction time of 90 min and approximately 
91% V-TPP was converted to intermediate and final products at a temperature of 380 °C.  
 
 
Figure 5-21: Conversion of toluene as a function of residence time at different temperatures, as given in the legend 
over the range 340 to 380 ○C. 
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5.2.4 VANADIUM REMOVAL FROM TOLUENE/H2O2/VANADIUM-5, 10, 15, 20-
TETRAPHENYLPORPHINE (V-TPP) REACTION SYSTEM  
5.2.4.1 EFFECT OF HYDROGEN PEROXIDE CONCENTRATION 
The removal of vanadium as a function of H2O2 concentration is displayed in Figure 5-22. It is 
seen that vanadium removal increased significantly with concentration at all temperatures and that 
approximately 97% vanadium was removed at the highest concentration level. 
 
 
Figure 5-22: Vanadium removal as a function of H2O2 concentration after 20 min residence time. 
 
It is worth pointing out that, during these experiments, a detectable deposit of vanadium was 
not observed on the reactor by eye. Nevertheless, tiny colourless particles were observed on the body 
of the separating funnel after separating water phase and samples. This may have been inorganic 
vanadium that was not dissolved in the toluene, xylene and water. No precipitated phase was observed 
after completion of reaction. 
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5.2.4.2 YIELD OF PRODUCTS AS A FUNCTION OF RESIDENCE TIME AND 
TEMPERATURE 
The yield of products as a function of residence time and temperature is shown in Figure 5-23. 
The yield of the major products cresols initially increased and then diminished slowly after reaching 
a maximum value at 380 °C as depicted in Figure 5-23 whereas the yield of benzaldehyde decreases 
with increase in residence time. 
 
 
Figure 5-23: Yield of products when reacting with H2O2 as a function of temperature. 
 
5.2.5 TOLUENE/WATER/DBT REACTION SYSTEM  
5.2.5.1 EFFECT OF TEMPERATURE ON TOLUENE CONVERSION 
When the toluene is spiked with sulphur-containing dibenzothiophene (DBT), the toluene 
conversion that was increasing over time now does decrease as shown is Figure 5-24. 
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Figure 5-24: Influence of sulphur addition on water-toluene-DBT mixture function of time-on-stream. 
 
5.2.5.2 INFLUENCE OF REACTION TEMPERATURE AND TIME ON DBT 
CONVERSION FOR THE TOLUENE/WATER/DBT REACTION SYSTEM  
A gradual increase in the % DBT conversion is observed as the temperature increases. The 
maximum DBT conversion is achieved at 380 °C. A maximum DBT 53% was recorded after 30 min 
as shown in Figure 5-25. 
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Figure 5-25: Influence of reaction temperature on % DBT conversion over a range of time-on-stream values. 
 
5.2.6 TOLUENE/H2O2/DBT REACTION SYSTEM  
5.2.6.1 EFFECT OF H2O2 CONCENTRATION AS A FUNCTION OF TEMPERATURE 
AND RESIDENCE TIME 
Different concentrations of H2O2 (4 to 8%) were prepared by mixing certain volume of de-
ionised water with the equivalent volume of the 33 wt. % H2O2 obtained from Sigma-Aldrich to make 
up the required concentration. The above procedure is also applied. 
As the H2O2 concentration increases with time-on-stream, the conversion of toluene and 
productivity with respect to all products was enhanced. This is shown in the three subplots contained 
in Figure 5-26 (overleaf). 
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Figure 5-26: Toluene conversion as a function of temperature and over a range of time-on-stream values. 
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5.2.6.2 EFFECT DBT CONVERSION AS A FUNCTION TEMPERATURE AND 
RESIDENCE TIME 
It was found in Figure 5-27 (below, and continues overleaf) that high temperature maximizes 
the yield of products through the higher toluene conversion. Increasing H2O2 concentration increases 
the molar rate of oxygen in the reaction therefore increases the toluene conversion therefore increases 
the removal of metals (sulphur, nickel and vanadium). 
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Figure 5-27: Influence of reaction temperature on %DBT conversion over a range of time-on-stream values. 
 
Figure 5-28 shows the yields of products as a function of residence time with 7% H2O2 
concentration. As can be seen from Figure 5-28, the products rates increase with residence time at 
220 bar and 380 °C. 
 
 
Figure 5-28: Yield of products with reaction time and temperature in 7% H2O2 system at 220 bar and 380 ○C. 
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5.2.6.3 PRODUCTS GASES ANALYSIS FOR H2O2/TOLUENE/DBT 
The produced gas characteristics were determined using a micro gas-chromatograph (GC). The 
produced gas flow is introduced to a three-way valve that allowed tiny gas directly to the micro GC 
for detailed analysis of the gas. Direct sampling and analysis were carried out when longer sampling 
time intervals were required. A constant flowrate of inert gas (He) is introduced and a pre-calibration 
of gas analytical devices can substantially enhance the accuracy for quantification. In this section, a 
comparison of hydrogen, carbon dioxide, carbon monoxide and methane concentrations were 
illustrated.  
The results are shown in Figure 5-29 for CH4, CO2, CO, and H2. It can be seen that the reforming 
efficiency increases with increasing the process temperature within the temperature range being studied 
(300 – 380 °C). Maximum reforming efficiency of 0.045 g.L-1 is observed for CO. Higher values are 
obtained for CH4, CO, and H2 compare to those of CO2. It is possible that the reactions below could be 
contributing either individually or as a combination to the increase in H2 concentration.  
Dry Reforming Reaction: 
This reaction uses carbon dioxide to reform the tars (Devi et al., 2005c): 
CnHx + n CO2 → (x/2) H2 + 2n CO  
Carbon Formation Reaction: 
Tars break down into elemental carbon according to the reaction below (Devi et al., 2005c):  
CnHx → (x/2) H2 + n C  
The equilibrium reactions occur simultaneously or individually and the interaction of the 
byproducts of conversion reactions with each other or with components of syngas initially present. 
It can also be seen that the concentration of CO2 increases throughout the temperature range of 
study (300 – 380 °C). The increase in concentration could be due to the reaction below:  
Water-Gas Shift Reaction: 
This is an important reaction and its direction follows the syngas composition (Devi et al., 2005a): 
CO + H2O ↔ H2 + CO2 ,  ∆H298 = -41.16 kJ.mol-1  
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The following reaction can also be contributing to the increased CO2 content (Swierczynski et al., 2008): 
C7H8 + 14 H2O → 18 H2 + 7 CO2  
In our study under the specified reaction conditions, an increase in CO content was observed. The 
reaction conditions used in this study might be contributing to the acceleration of the reaction (water-
gas shift), thus consuming intermediate CO and converting it to CO2.  
Boudouard Reaction: 
The elemental carbon formed in the carbon formation reaction is utilized by the Boudouard reaction 
(Devi et al., 2005a): 
CO2 + C ↔ 2 CO,    ∆H298 = +172.46 kJ.mol-1  
A contribution from the Boudourd reaction may be another cause of the observed increased CO content. 
 
 
 
Figure 5-29: Produced gases concentration from the 8% H2O2 - toluene - DBT mixture at different temperature. 
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5.3 SUMMARY OF RESULTS 
Ni-TPP was reactive with supercritical water, which was also a source of hydrogen donor and 
a catalyst. Experimental results revealed that about 90% of the Ni-TPP was converted to intermediate 
and final products at a temperature of 380 °C and a reaction time of 90 min. Under the same 
conditions, around 67% nickel was removed by the action of supercritical water. Nevertheless, 
supercritical water was capable of removing nickel from Ni-TPP. 
A batch reactor system study shows that V-TTP reacted with supercritical water (SCW) to remove 
vanadium. The effects of reaction time and temperature were investigated, showing that approximately 
91% of V-TPP was converted to intermediate and final products at a temperature of 390 °C and reaction 
time of 100 min. Under the same conditions, approximately 82% of the vanadium was removed. This 
process was deemed acceptable (and promising) due to the absence of catalyst and short reaction time (20 
min) made available to the system.  
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CHAPTER 6 
EXPERIMENTAL RESULTS (3): 
TOLUENE/WATER/H2O2/AIR AND 
DIBENZOTHIOPHENE (DBT) FLOW SYSTEM 
 
In this chapter we present early-stage preliminary results from an experimental study that aimed 
to consider the possibility of toluene conversion and sulphur removal in a modified version of the 
flow reactor, whereby air was added the reactants. The modified apparatus was developed during the 
course of the current PhD project, specifically to allow similar measurements to those shown and 
discussed in the previous chapters. It would be interesting for future work to focus on further 
investigations into the effects of the key parameters on the toluene conversion and sulphur (as well 
as metal) removal capability of this configuration. Results with and without the addition of DBT over 
a range of temperatures are shown, as well as with and without H2O2. 
 
6.1 TOLUENE/WATER/AIR REACTION SYSTEM 
All experiments presented in the present chapter were performed in the modified flow apparatus 
mentioned above. The main aim was to prepare a facility that can provide relevant data and to 
undertake a brief exploratory study into the effects of air on the toluene/water reaction system. 
Reactions were carried out at temperatures up to 380 °C. One key challenge was the finding that the 
pressure in the system fluctuates when an air flowrate is flown into the syatem. In order to address 
this issue a buffer was added to the air line. This reduced the pressure fluctuations, but did not remove 
them entirely. 
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Figure 6-1: Produced samples in the flow reactor with air at different pressures and temperatures. 
 
Typical samples of the liquid phase product at the outlet of the reactor after the operator, and 
over a range of conditions, are shown in Figure 6-1. It is observed that the samples obtained had 
yellowish colour in a single phase (middle three samples in Figure 6-1). The colour is even more 
accentuated when the water and air flowrate was increased. Some samples were also collected during 
the process of reactor shut down, which involved gradually reducing the system pressure (last three 
samples in Figure 6-1). 
Overall, it was found that at the higher the temperatures, the toluene of conversion improved. 
This can be seen from the long-time values of conversion shown in Figure 6-2 (see overleaf). In 
addition, Figure 6-2 shows that with air added to the reactor, toluene conversion increases with time 
on stream as the toluene systems flows through the reactor, as expected given that the system is 
gradually reaching steady state conditions. The toluene conversion would be expected to increase for 
a number of reasons; beyond underlying chemical processes, the air pressure and the solubility of 
molecular oxygen in the liquid phase are expected to improve at higher temperatures, which would 
act to speed up the formation of active intermediates, in turn leading to an increase in the yield of 
products i.e. cresols, benzaldehyde, benzyl alcohol benzoic acid as well as benzyl alcohol. 
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Figure 6-2: Effect of temperature on toluene/water/air system over a range of time-on-stream values. 
 
6.2 TOLUENE/WATER/AIR/DBT REACTION SYSTEM 
The effect of temperature on the reaction system with DBT is of particular importance. 
Although the present data is preliminary, Figure 6-3 suggests that the overall conversion of toluene 
increases with temperature (and reaction time) and reaches a value of 72% at 380 °C. This is lower 
compared to the toluene/water/air system (i.e. without DBT) data shown in Figure 6-2 that shows a 
conversion in excess of 90%. This can be attributed to the presence of sulphur in the system. 
 
 
Figure 6-3: Effect of temperature on toluene/water /air/sulphur system over a range of time-on-stream values. 
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It was observed that the efficiency of sulphur removal was improved at longer residence times. A 
sulphur removal of almost 50% was observed after 90 min when a molar H2O:toluene ratio of 3:1 was 
used. This removal rate is higher than that obtained from the toluene/water/DBT system without air. 
 
6.3 TOLUENE/WATER/H2O2/AIR REACTION SYSTEM 
Runs were also carried out at different temperatures with a toluene/water/H2O2/air reaction system. 
From Figure 6-4 it can be seen higher toluene conversion is achieved at higher temperatures, as before 
without H2O2. Further, the overall conversion seems to be a little higher when compared to the 
toluene/water/air system. The toluene is almost completely converted at 380 °C, compared to a conversion 
of 93% in the toluene/water/air data in Figure 6-2. 
 
 
Figure 6-4: Effect of temperature on toluene/water/H2O2/air system over a range of time-on-stream values. 
 
6.4 TOLUENE/H2O2/AIR/DBT REACTION SYSTEM 
Results from the toluene/water/H2O2/air/sulphur system are shown in Figure 6-5. Once again, 
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reaction systems, i.e. without H2O2 and also with H2O2 but no added sulphur-containing DBT. 
However, the conversion values are considerably lower than those achieved in the absence of DBT. 
A maximum of 60% conversion of toluene is obtained at 380 °C. In addition, the conversions values 
where similar (perhaps slightly lower) than those achieved with water-only (without H2O2), although 
this is difficult to conclude definitively since the systems did not reach steady state. 
 
 
Figure 6-5: Effect of temperature on toluene/water /H2O2/air/sulphur system over a range of time-on-stream values. 
 
Finally, the effect of H2O2 addition is of particular importance in this work, also with regards 
to the sulphur removing capability of the reaction system. Results of sulphur removal for different 
H2O2 concentrations in the toluene/water/H2O2/air/DBT system with 3:1:1 are shown in Figure 6-6. 
It was found that an improved level of sulphur removal is observed when the concentration of H2O2 
is increased. Specifically, when H2O2 was not used in the mixture (see earlier paragraphs) the sulphur 
removal was only about 35%. Slightly increasing the amount of H2O2 concentration allowed for 
significantly improved sulphur removal efficiency for toluene/water/H2O2/air/DBT system. At the 
higher concentrations of H2O2 (above 1 – 2% wt.) the removal efficiency plateaued at a high value. 
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H2O:toluene:air of 3:1:1 was used with 7% (w/w) H2O2 after 80 min. This increase can be explained 
by the improvement in the oxidation processes that one would expect in the presence of H2O2. At this 
point it is not clear what the follow on products are from the DBT conversion process and whether 
they partition into the water/aqueous or the gas phase for any of the investigated cases. 
 
 
Figure 6-6: Effect of H2O2 concentration on sulphur removal after 20 min in the toluene/H2O2/air system at 380 ○C. 
 
6.5 SUMMARY OF RESULTS 
In the presence of air, the preliminary results shown in this chapter suggest that the higher the 
temperature, the higher the toluene conversion. In addition, the introduction of hydrogen peroxide a 
low concentration (below 1 – 2% wt.) significantly improves the sulphur removal ability of the 
reaction system compared to toluene/air/water (only) at the same conditions. At higher concentrations 
no further benefit was found. 
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CHAPTER 7 
CONCLUSIONS AND FUTURE WORK 
 
7.1 MAJOR HIGHTLIGHTS OF THE THESIS 
(1) GC-MS analysis of experimentally produced oil samples under a set of conditions that had not 
been previously investigated (in particular, high pressures up to 220 bar) revealed that toluene 
was converted into a number of useful, lighter hydrocarbons: benzene, ethylbenzene, 
benzaldehyde, (o-p-m) cresols, benzyl alcohol, benzoic acid, and styrene. 
(2) GC-MS analysis of experimentally produced oil samples revealed that, the conversion of 
toluene to lighter hydrocarbons products increases with temperature. The yield of the liquid 
products benzaldehyde, ethylbenzene, cresols (opm-cresols), styrene, benzyl alcohol, benzoic 
acid increase with temperature and with an increase in the H2O/toluene or H2O2/toluene ratio. 
The efficiency of toluene conversion into products reaches almost 91% at 380 °C at a 
H2O/toluene ratio of 3 to 1 higher than those obtained from the reaction of 8% H2O2 with 
toluene at 380 oC. These results are qualitatively in agreement with what has been observed in 
previous investigations, but here quantitate results are obtained for a new set of conditions. 
(3) In addition to temperature, the toluene conversion increases as the steam to carbon ratio 
increases, and at high temperature, the toluene conversion increases further with hydrogen 
peroxide concentration when this is added. 
(4) At the same conditions, the results or trends for the toluene/water and toluene/H2O2 reaction 
systems are similar. 
(5) There is also a slight increase in conversion when adding air, but overall the conversion is lower 
compared to the toluene/water system. 
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(6) The toluene/water system would normally be the preferred as it gives higher toluene conversion 
rates and has the advantage of lower cost. 
(7) The results for batch and flow reactor systems are qualitatively similar in their trends.  
(8) A high degree of sulphur and metals (presently we tested vanadium and nickel) can be removed 
at high temperatures at higher steam to carbon ratio. The removal improves progressively as 
more water is added. At high temperatures, the best removal is observed for the toluene/water 
reaction system with S/C = 3:1 ratio. At the same time the conversion of toluene also increases 
with the S/C ratio at high temperature. 
  
7.2 STATEMENT OF FINAL CONCLUSIONS 
The main conclusions obtained from the work presented in this thesis are summarized below: 
(1) Toluene conversion was investigated in a batch reactor at supercritical conditions in the 
presence of water. The conversion of toluene increases with temperature and steam/carbon 
(S/C) molar ratio (i.e. H2O to toluene ratio), conditions that provide favourable operating 
conditions for toluene conversion order to get high content products (gases and liquids). 
(2) The toluene conversion yields multiple desirable lighter (liquid) hydrocarbons. The major 
liquid products include benzaldehyde, ethylbenzene, cresols (opm-cresols), styrene, benzyl 
alcohol and benzoic acid. Progressively larger quantities of these products are possible at higher 
temperatures and at higher H2O/toluene ratios. The efficiency of toluene conversion into 
products reaches almost 91% at 380 °C at a H2O/toluene ratio of 3 to 1. The yields improve 
monotonically as longer reaction/residence times are allowed. 
(3) In the gas phase, H2 production increase with increasing temperature, while the yield of CH4 
decreases to very low values. Furthermore, the CO content increases up to about 65% around 
380 °C, whereas the CO2 content decreases. The conversion efficiency of toluene converted 
into liquid and gas products increases with temperature. This increase is accentuated further 
with an increase in H2O/toluene ratio. 
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(4) Results from experiments in which H2O2 was also added to the water/toluene reaction system 
in both a batch and a flow reactor suggest that toluene conversion increases with temperature 
and residence time increase, conditions that provide favourable operating conditions for toluene 
conversion order to get high content products (gases and liquids). Furthermore, the conversion 
of toluene to useful liquid and gaseous products was not actually improved compared to the 
case without the addition of H2O2. 
(5) Furthermore, when adding H2O2, the yield of the major liquid products benzaldehyde, 
ethylbenzene, cresols (opm-cresols), styrene, benzyl alcohol, benzoic acid increases with 
temperature and at higher H2O2/toluene ratios. The efficiency of toluene conversion into 
products reaches almost 16.9% at 380 °C at H2O2/toluene ratio equals to 3:1 with 5% H2O2 in 
5 min of residence time. The yields improve at longer residence times. 
(6) In the gas phase, H2 increases with an increasing H2O2 concentration while again, the yield of 
CH4 is small. The CO content increases up to 40% when between 6% and 8% H2O2 is used at 
temperatures around 380 °C whereas the CO2 content decreases. The conversion efficiency of 
toluene converted into liquid and gas products increases with temperature. This increase is 
accentuated with an increase in the H2O2/toluene ratio. 
(7) In general, an analysis the produced gases (CH4, CO2, CO, and H2) showed that the reforming 
efficiency increased with increasing process temperature within the temperature range studied 
(300 – 380 °C). A maximum reforming efficiency of 0.045 g.L-1 is observed for CO. Higher 
values are obtained for CH4, CO, and H2 compared to those of CO2. 
(8) Having studied the conversion of a model heavy oil (toluene in this work) to useful gaseous and 
liquid products, the possibility of removal of undesirable metals and sulphur was also 
investigated at supercritical conditional conditions in a batch reactor, with and without 
additional H2O2. Ni-TPP (a nickel-containing compound which was added to the toluene) did 
demonstrate a reactivity with supercritical water (SCW) which was also a source of hydrogen 
donor and a catalyst. 
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(9) Experimental results revealed that a maximum of about 90% of the Ni-TPP was converted to 
intermediate and final Ni-based products at a temperature of 380 °C and after a reaction time of 90 
min. Under the same conditions, around 67% of the Ni was removed by the action of supercritical 
water, proving that supercritical water is capable of removing Ni from Ni-TPP. 
(10) The same batch reactor system was also used to study vanadium removal. V-TTP (a vanadium-
containing compound which was added to the toluene) also reacted with SCW suggestions a 
pathway for vanadium removal. The effects of reaction time and temperature were investigated, 
showing that approximately 91% of V-TPP was converted to intermediate and final products at a 
temperature of 390 °C and reaction time of 100 min. Under the same conditions, approximately 
82% of the vanadium was removed. This process was deemed acceptable given the short reaction 
time (20 min) and since it did not require a catalyst. 
(11) Toluene conversion is slightly higher in the water/toluene mixture (90%) than the H2O2/toluene 
mixture (just below 90%). This is important, since along with the increased cost associated with 
the need for H2O2 and hence the increased overall cost of operation, it suggests that the 
water/toluene system is the more desirable one to consider further. 
(12) Finally, the removal of unwanted/undesirable sulphur from the oil was also considered. A gradual 
increase in the % DBT conversion was found at higher temperatures. The maximum DBT 
conversion was achieved at the highest investigated temperature, i.e. 380 °C. A maximum DBT 
conversion of ~ 97% was recorded after 30 min of reaction time. 
(13) Importantly, and contrary to the findings concerning the conversion of toluene, the introduction 
of H2O2 led to a considerable improvement in the metal removal potential. 
  
7.3 SUGGESTIONS FOR FUTURE WORK 
An overview of the studied system is given in the diagram below, which helps to motivate some of 
the areas that are of interest in terms of further investigation. 
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Specifically, only a few experiments were performed with toluene in the air flow reactor. This 
needs further investigating, especially the potential for demetallisation (nickel, vanadium) which was 
not done (sulphur was considered to some extent). A further area of interest arises from the fact that 
only one model fuel (toluene) was studied. On the other hand, heavy oils are a mixture of a wide 
range of aliphatic and aromatic hydrocarbons, which opens up many possibilities for the investigation 
of relevant model fuels, synthetic crudes and later actual heavy oils. 
From the point of view of the chemistry of these systems, it is noted that these reactions would 
be accelerated in the presence of suitably catalysts. The role of the catalyst on these reactor systems 
should be carefully considered, since this will play a major role in establishing the economic viability 
of these processes, by significantly improving the yield of products as well as toluene conversion, at 
reduced temperatures. The reactions pathways, the kinetic data, heat and mass transfer analysis have 
to be carried out and taken into consideration. 
Finally, the reaction system mixes the two liquid reactant streams in a T-section. This is far 
removed from what we would expect in the soil in the presence of complicated flow and temperature 
gradients. In essence, the effect of transport of the reactants towards the reaction zones and of the 
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heat and products from the reaction zone may lead to considerations and conclusions which pure 
chemical kinetics and reaction pathways cannot indicate, but which are dominant in a practical 
application. Although chemistry is important in the first instance, transport effects must also be 
considered in a follow-up project. 
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Appendix 1 – Figures  
 
Figure A1-1: 220 mm long copper block heater block assembly detail. 
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Figure A1-2: Subsurface rig design. 
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Figure A1-3: Rig design with no air. 
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Figure A1-4: Matrix of the rig with air. 
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Appendix 2 – XRF Calibration for Liquid Phase Analysis 
 
The calibration plots used to convert from the raw peak readings of the Proton Induced X-Ray 
Fluorescence Emission (XRF) to additive (metal or sulphur) concentration were generated in an 
independent series of calibration runs. The results from this procedure, used throughout this work to 
determine the concentrations of vanadium, nickel and sulphur as presented in all results chapters 
contained in this thesis, are given below.gcmas used 
 
 
 Figure A2-1: XRF calibration curves for vanadium, nickel and sulphur. 
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Appendix 3 – Water-Phase Analysis 
 
After quenching the reactor, all products (i.e. gas, hydrocarbon and water) were characterized. 
The recovered oil phase products were analysed by injecting into a gas chromatogram (GC) using a 
syringe and gas-phase products were analysed via gas chromatogram-mass spectrometer (GC/MS).  
The conversion of sulphur containing compounds was calculated by comparing the GC/FID 
peaks areas in the feed and the oil product. Representative samples of the water phase were collected 
after quenching and analysed for elemental content using Proton Induced X-Ray Fluorescence 
Emission (XRF). 
To study the effectiveness of SCW (supercritical water) for the desulphurization of heavy oil, we 
treated toluene/DBT mixture in SCW for up to 60 min at 380°C and 220 bar without catalyst as a control. 
SCW treatment resulted in modest sulphur removal (6 – 7%) into the water phase as measured by XRF 
on the oil fraction a temperature increases. Additional increase in temperature from 370 °C to 380 °C 
promoted the sulphur content in the water phase by a factor of 2 up to ~12% (Figure A3-1). 
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Figure A3-1: Water-phase sulphur removal. 
The experimental procedure gives total XRF values that are reproducible to within ±3%. 
Analysis of the water-phase product using GC/MS showed that H2S was formed, and some of the H2S 
remained in the water-phase see Figure A3-2. 
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Figure A3-2: GC/MS analysis of water-phase from water-toluene-DBT mixture. 
 
Figure A3-2 indicates that SCW treatment of water/toluene-DBT mixture increases the 
concentration of volatile sulphur compounds that elute from the GC prior to 15 min. Based on their 
retention times compared to known standards; we attribute these new peaks to a combination of 
thiophenes, sulphides, and thiols. Additionally, this figure shows that the benzothiophene and 
dibenzothiophene content shifts during the SCW treatment. Interestingly, the SCW treatment greatly 
increases the concentrations of certain compounds chiefly benzothiophenes while decreasing the 
concentrations of others. 
The identification of H2S in the water-phase product and the shift in the sulphur compound 
distribution clearly show that sulphur compounds react during the SCW process.  
Finally, we also analysed representative water phase samples obtained after the SCW 
desulphurization treatment of the water-toluene-DBT mixture. The water phase contained very low 
ppm of sulphur, but we were not able to determine its molecular form. The most likely explanation is 
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that H2S dissolved into the water and the aqueous H2S oxidized to colloidal sulphur during storage. 
The water-phase did not indicate any coke formation or corrosion. The same process was 
implemented using nickel and vanadium. It was found that the water-phase content of nickel as well 
as vanadium decreases as a temperature and residence increase. 
 
Appendix 4 – Calibration method 
 
Table A4-1: calibration data 
Calibration solution  
Comp 
wt/2 mlC6  
(1.235 g)   
              
             
       area  resp 
                                       
relta 
C8 0.04   128046  3201150 0.904467453 
C9 0.04   116302  2907550 0.821512376 
C10 0.04   124089  3102225 0.876516734 
C11 0.04   129189  3229725 0.912541163 
C12 0.04   149865  3746625 1.058588436 
C13 0.04   153024  3825600 1.080902391 
C14 0.04   157572  3939300 1.113027705 
C15 0.04   161393  4034825 1.140017772 
C16  0.04   161393  4034825 1.140017772 
naph  0.2   707853  3539265 1 
 
 
Table A4-2: gases composition 
     
           T oC H2 vol% CO vol% CO2% CH4 vol% 
560 0.3 8 0.9 4 
570 0.35 9 1.1 4.9 
580 0.45 10.1 1.3 6 
590 0.41 10.1 1.2 5.5 
600 0.4 9 0.91 4.2 
610 0.49 10 1.1 6.3 
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Figure A4-1: Gas composition calculation method 
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Appendix 5 – GC-MS Chromatograms 
 
Figure A5-1: GC-MS Chromatogram 
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Figure A5-2: GC-MS Chromatogram 
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Figure A5-3: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
P lo t  2 :   c : \ s a t u rn w s \ d a t a \ y o u s e f f ra n c k \ p u re  c 1 6 . s m s   R IC  a l l
5 0 1 0 0 1 5 0 2 0 0 2 5 0
m /z
0 %
2 5 %
5 0 %
7 5 %
1 0 0 %
4 3
5 8
7 3
8 5
9 9 1 1 4 1 3 3 1 4 7 1 6 1
1 7 9
1 9 3 2 0 7
2 2 3
2 4 9
2 6 5
2 8 1
S pec t  1
3 .9 8 4  m in .  S c an :  2 4 0  C h an :  1  Ion :  1 0 2 4 7  u s  R IC :  1 3 0 2 0  B CB P  2 8 1  ( 1 1 6 5 = 1 0 0 % )  5 per c 3 0 0 c 1 0 0 bar c 1 6 .s m s
3 4 5 6 7 8
m in u tes
5
1 0
1 5
2 0
2 5
k C ou n ts
0
5
1 0
1 5
2 0
2 5
3 0
k C ou n ts
5 per c 3 0 0 c 1 0 0 bar c 1 6 .s m s  R IC  a ll
pu r e c 1 6 .s m s  R IC  a ll
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
Department of Chemical Engineering, Imperial College London 204 
 
Figure A5-4: GC-MS Chromatogram 
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Figure A5-5: GC-MS Chromatogram 
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Figure A5-6: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
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Figure A5-7: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
P lo t  2 :   c : \ s a t u rn w s \ d a t a \ y o u s e f f ra n c k \ p u re  c 1 6 . s m s   R IC  a l l
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Figure A5-8: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
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Figure A5-9: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
P lo t  2 :   c : \ s a t u rn w s \ d a t a \ y o u s e f f ra n c k \ p u re  c 1 6 . s m s   R IC  a l l
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Figure A5-10: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
P lo t  2 :   c : \ s a t u rn w s \ d a t a \ y o u s e f f ra n c k \ p u re  c 1 6 . s m s   R IC  a l l
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Figure A5-11: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
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Figure A5-12: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
P lo t  2 :   c : \ s a t u rn w s \ d a t a \ y o u s e f f ra n c k \ p u re  c 1 6 . s m s   R IC  a l l
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Figure A5-13: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
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Figure A5-14: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 1 0 0 b a rc 1 6 . s m s   R IC  a l l
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Figure A5-15: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 1 p e rc 4 0 0 c 1 0 0 b a r . s m s   R IC  a l l
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1 0 2 0 3 0 4 0
m in u tes
0
5
1 0
1 5
2 0
2 5
3 0
3 5
k C ou n ts
0
1 0
2 0
3 0
4 0
5 0
6 0
k C ou n ts
0
1 0
2 0
3 0
k C ou n ts
1 per c 4 0 0 c 1 0 0 bar .s m s  R IC  a ll
pu r e c 1 6 .s m s  R IC  a ll
5 per c 3 0 0 c 1 0 0 bar c 1 6 .s m s  R IC  a ll
Underground Upgrading for Oil Recovery Franck Essiagne (PhD Thesis) 
Department of Chemical Engineering, Imperial College London 216 
 
Figure A5-16: GC-MS Chromatogram 
C h ro m a to g ra m  P lo ts
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Figure A5-17: GC-MS Chromatogram 
 
 
C h ro m a to g ra m  P lo ts
P lo t  1 :   c : \ s a t u rn w s \ d a t a \ y o u s e f f ra n c k \ 1 p e r t 4 0 0 p 2 0 0 . s m s   R IC  a l l
P lo t  2 :   c : \ s a t u rn w s \ d a t a \ y o u s e f f ra n c k \ p u re  c 1 6 . s m s   R IC  a l l
P lo t  3 :   c : \ . . .  \ d a t a \ y o u s e f f ra n c k \ 5 p e rc 3 0 0 c 2 0 0 b a rc 1 6 . s m s   R IC  a l l
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